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Abstract 
It has previously been shown that in situ upgrading of heavy oil by Toe-to-Heel Air Injection 
(THAI) can be augmented by surrounding the horizontal production well with an annulus of 
pelleted catalyst.  Despite the further upgrading achieved with this configuration, the 
accumulation of coke and metals deposits on the catalyst and pore sites, resulting from 
cracking of the heavy oil, have a detrimental effect on the catalyst activity, life span and 
process.  An alternative contacting pattern between the oil and transition metal dispersed 
catalysts was investigated using a stirred batch reactor, to mitigate the above mentioned 
challenges.  The effects of different hydrogen sources and tetralin hydrogen donor solvent 
were also investigated.  The Taguchi method was applied to optimize the effect of reaction 
factors and select the optimum values that maximize level of heavy oil upgrading while 
suppressing coke yield.  Detailed optimization of the reaction conditions with iron oxide 
dispersed NPs (≤ 50 nm) for in situ catalytic upgrading of heavy oil was carried out over the 
following ranges of operating variables; temperature 355 – 425 oC, reaction time 20 – 80 min, 
agitation 200 – 900 rpm, initial hydrogen pressure 10 – 50 bar, and iron metal loading 0.03 – 
0.4 wt%.  It was found that the optimum combinations of reaction factors are temperature 425 
oC, initial hydrogen pressure 50 bar, reaction time 60 min, agitation 400 rpm and iron-metal 
loading 0.1 wt%.  The properties of upgraded oil at the optimum condition are API gravity 
21.1o, viscosity 105.75 cP, sulfur reduced by 37.54 %, metals (Ni + V) reduced by 68.9 %, 
and naphtha plus middle distillate fractions (IBP – 343 oC) 68 wt% relative to the feed oil 
(12.8oAPI, 1482 cP, sulfur content 3.09 wt%, metals (Ni+V) content 0.0132 wt%, and 
naphtha plus middle distillate fractions 28.86 wt%).  Furthermore, it was found that the 
dispersed unsupported catalysts significantly suppressed coke formation 4.4 wt% (MoS2), 5.7 
wt% (NiO) and 6.8 wt% (Fe2O3) compared to 12 wt% obtained with thermal cracking alone.  
The results also showed that with dispersed unsupported catalysts in sulphide form the 
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middle distillate (177-343 ˚C) of the upgraded oil was improved particularly MoS2 which 
gave 50 wt% relative to 43 wt% (thermal cracking) and 28 wt% (feed oil).  The middle 
distillate yields for Fe2O3 and NiO are 47 wt% and 49 wt%, respectively.  Moreover, it was 
noticed that in presence and absence of Fe2O3 as dispersed catalyst the coke formation was 
significantly reduced in the presence of tetralin solvent compared to H2, CH4 and H2O.  The 
coke yield reduced with addition of Fe2O3 as follows: 3.22 wt % (tetralin), 6.19 wt % (CH4), 
6.79 wt % (H2), and 7.48 wt % (H2O) relative to 3.54 wt (tetralin), 7.19 wt % (CH4), 12 wt % 
(H2) and 7.32 wt % (H2O) without Fe2O3 NPs. The distillate fraction (177-343 °C) of the 
produced oil did not show further improvement which remained in the narrow range of 42-45 
wt% for hydrogen source, tetralin and thermal cracking under N2 relative to 28 wt% (feed 
oil).  The produced oil physical properties under different hydrogen sources gave an average 
(20˚API and 140 cP) against an average of (23˚API and 64 cP) achieved with thermal 
cracking under N2 and H2 alone.  The cost and availability of CH4 and Fe metal compared to 
Mo counterpart and H2 for heavy oil upgrading may justify their preference.  Furthermore, 
the X-ray diffraction (XRD) and scanning electron microscopy (SEM) analysis showed that 
introducing dispersed catalysts, tetralin and different hydrogen sources helped to produce 
sponge-type coke which could be used as industrial fuel compared to shot-type obtained upon 
thermal cracking. 
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1 Chapter 1 
Introduction 
1.1 Technical background and motivations 
Due to the rapid growth in energy demand worldwide, the world’s energy resources are 
declining, although the search for new deposits continues apace (Hirsch et al., 2006).  The 
latest international energy outlook released by the International Energy Agency (IEA, 2010) 
predicts that global energy consumption will increase by 56% between 2010 and 2040.  
Fossil fuels, nuclear power and renewable energy represent the major sources of world 
energy, with fossil fuels supplying around 80% of energy worldwide (Martínez-Palou et al., 
2011).  Fossil fuels are the general term for combustible materials extracted from the Earth’s 
crust, such as conventional oil and unconventional oil.  Conventional and unconventional oil 
are used to distinguish between different categories of oil.  Conventional oil includes crude 
oil and natural gas, whereas unconventional oil includes heavy oil, extra heavy oil and 
bitumen (Hein, 2006).  Since conventional resources have already been extensively exploited 
and are declining, unconventional oil resources could play an important role in securing the 
world’s future energy needs in both the short and long term.  However, production, 
transportation and upgrading processes of unconventional oil impose different challenges for 
the oil sector compared with conventional oil (Carrillo and Corredor, 2013). 
Unconventional resources, represented by heavy oil, extra heavy oil and bitumen, can 
be considered as a major source of fuel for many reasons.  First, heavy oil, extra heavy oil 
and natural bitumen deposits are abundant, well-known and widespread around the world 
(World Energy Council 2010).  Surveys are conducted by different institutions and councils 
to update the regional quantities of heavy oil and natural bitumen around the world.  In 2007, 
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the survey delivered by the US Geological Survey Library (USGS, 2007) stated that the 
Original Oil in Place (OOIP) for heavy oil is 3396 billion barrels; in addition, the same 
survey showed that the total resources of bitumen are 5505 billion barrels of OOIP.  In total, 
unconventional resources reach up to 8.9 trillion barrels of OOIP, which far outweighs the 
reserves of conventional resources, estimated to be 1.7 trillion barrel OOIP.  Figure  1.1 and 
Figure  1.2 shows the regional distributions of heavy oil and bitumen resources. 
 
Figure  1.1.  Regional distribution of heavy oil (billion barrels) (Meyer et al., 2007). 
 
Figure  1.2.  Regional distribution of bitumen (billion barrels) (Meyer et al., 2007). 
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Although the unconventional resources present quite a vast and promising source of 
energy for the long term, there have been only a few attempts from different nations to 
establish extraction and upgrading industries for unconventional resources.  For example, 
both Canada and Venezuela,  have between 50–65% (USGS, 2007) of the World’s total 
reserves of unconventional oil, are actively working on unconventional resources, whereas 
Africa and the Middle East have still not made any real attempts at utilising unconventional 
resources (Blackwell, 2006; Hoshyargar and Ashrafizadeh, 2013).  Unconventional oil can be 
characterised by low American Petroleum Institute gravity (API gravity), high viscosity, and 
it is deficient in hydrogen, rich in carbon and sulphur, and high concentrations of oxygen, 
nitrogen and heavy metals, such as nickel and vanadium (Hoshyargar and Ashrafizadeh, 
2013).  Due to the nature of unconventional oil, there are many hurdles that have slowed 
down its extraction and use, namely the energy required for extraction, greenhouse gas 
emissions during the production stage, transportation challenges, cost of upgrading processes 
and low market value (Rana et al., 2007).  For example, compared with light oil, further 
surface processes are required to treat and upgrade heavy oil to meet the market quality 
requirements, and those treatments may introduce more costs, which could not be covered by 
the market price of unconventional oil.  As a result, in order to develop the unconventional oil 
industries, extraction and upgrading technology should be studied.  Techniques such as in-
situ upgrading are attractive because they do not involve disturbance of the land and may 
achieve a high recovery of oil in place (Hart et al., 2014; Xia and Greaves, 2006; Xia and 
Greaves, 2002; Greaves et al., 2012).  However the economics for enhanced oil recovery 
techniques are only favourable when the oil price is high. 
Reservoir production involves three main stages in the extraction and production of 
crude oil for different applications.  During the production process, multiple techniques are 
used to improve the production of reservoir fluids as well as to maintain the reserves.  The 
Chapter 1: Introduction 
4 
 
first phase of production is primary recovery, during which oil production is controlled by 
natural drive mechanisms, such as the force of gravity and associated gas evolution from 
reservoir fluids. In general, primary recovery efficiency is low, differing with the various 
natural drive mechanisms involved. Primary production efficiencies vary between 5 and 20% 
of the OOIP (Aurel, 1992).  The secondary production stage begins when the energy from the 
natural driving mechanisms declines.  The main goal of the secondary recovery phase is to 
raise or maintain the reservoir pressure.  In order to achieve this, external energy, usually 
water injection (i.e., water flooding) is used.  The net efficiency of both the primary and 
secondary methods combined is less than 40% of the OOIP (Sheng, 2015; Sheng and Chen, 
2014; Holditch, 2013). 
Enhanced oil recovery (EOR) is classified as the last stage in reservoir production.  In 
this phase, external thermal energy, gas injection and chemical injection are used to stimulate 
production.  EOR processes are selected based on the fluid’s characteristics, such as oil 
viscosity and the geology of the reservoir, as well as the OOIP.  The main goals for EOR 
technologies are to improve the displacement of heavy oil by reducing its viscosity, 
decreasing interfacial tension and increasing the contacted area of the reservoir during the 
extraction processes, which is known as the improvement of sweep efficiency.  Thermal 
technology is highly recommended in order to improve the production of extra heavy oil and 
bitumen, while the injection of gas and chemical materials are more suitable for heavy oil 
(Donaldson et al., 1985).  Details of the commercial technologies used to enhance heavy oil 
and bitumen recovery will be discussed later in the next chapter. 
Enhanced oil recovery techniques and upgrading processes for unconventional oil are 
considered important issues in the oil industry.  Improving unconventional oil production and 
the upgrading of it depends on the nature of the petroleum fluid, the geology of the reservoir 
and the physical properties of the reservoir fluid.  It can be seen clearly from the literature 
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that extensive studies have been conducted to identify the most suitable technique to enhance 
the production of unconventional oil as well as upgrading it to cover the world’s energy 
needs. In this respect, much attention has been directed toward thermal technology to extract 
and upgrade unconventional oil (Alpak et al., 2013; Shah et al., 2010).  Thermal technology, 
in situ combustion, could be enhanced oil recovery as well as convert heavy oil to light oil 
with primary upgrading.  Additionally, the application of thermal technology such as in situ 
combustion contributes to reducing the costs of surface upgrading heavy oil and bitumen 
(Komery et al., 1999).  Steam-Assisted Gravity Drainage (SAGD) and Cyclic Steam 
Stimulation (CSS) are examples of implemented thermal technology for enhanced oil 
recovery which depend upon heat being introduced to a reservoir by injected steam to reduce 
the viscosity of heavy oil and bitumen to facilitate their mobilisation to the surface.  In 
addition, the SAGD method provides a good recovery factor of 50% of OOIP, as well as the 
recovery factor for the CSS method varies from 10% to 40% (Zhao et al., 2014; Yee and 
Stroich, 2004).  However, consumption of water and natural gas to generate steam are 
considered major drawbacks of those methods, where two to ten barrels of water are needed 
to produce one barrel of heavy oil.  Furthermore, the produced oil needs addition of diluents 
to facilitate transportation, which will add more operational costs (Gates, 2007).  Therefore, 
in situ combustion could offer some operational and economic advantages, where the heat 
generated from the combustion reaction may lead to primary upgrading of heavy oil and 
bitumen in situ. 
Toe-to-Heel Air Injection (THAI) as well as the CAtalytic upgrading PRocess In situ 
(CAPRI) add on to the THAI method was studied extensively during the last fifteen years 
(Xia and Greaves, 2002; Hart et al., 2014; Greaves et al., 2012; Xia and Greaves, 2006; Xia 
et al., 2003).  The THAI method is classified as an advanced thermal technology to enhance 
the recovery of heavy oil where compressed air is injected to initiate the combustion. (THAI) 
 processes design is to be considered 
wells, the latter arranged in a directed d
Figure  1.3.  Toe-to
 
The THAI process generates high temperatures (between 400 °C and 600 °C) at 
reservoir pressure (30 to 50 bar) where the thermal cracking reaction takes place
Greaves, 2006).  In addition, the high temperature partially upgrade
oil in place through the carbon rejection reaction.
heavy oil and bitumen API gravity value increases by seve
from heavy hydrocarbons, the viscosity of heavy oil decreases and the recovery factor 
reaches 80% of the OOIP (Xia et al., 2003)
THAI process equipped with a catalytic bed fitted in the perforation of the horizontal well. 
The high temperature generated from 
catalytic upgrading, which leads to upgrading bitumen and heavy oil in place through the 
hydro conversion reaction that takes place at the CAPRI section.
6 
an integration of vertical wells and horizontal producer 
rive line. Figure  1.3 illustrates THAI process design 
-Heel Air Injection process (Xia and Greaves, 2006)
s the bitumen and heavy 
  In general, through the THAI process, the 
ral orders, light ends are produced 
.  THAI-CAPRI process is a modified version of 
the combustion reaction creates suitable conditions for 
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Earlier studies were conducted to test the ability of the THAI-CAPRI process and the 
optimum conditions were identified.  It was observed that the upgrading of heavy oil in terms 
of API gravity further increased by 3° to 7° points compared with the THAI process alone.  
In addition, there is a significant reduction of heavy metals (Ni, V) and sulphur contents, and 
the viscosity magnitude.  On the other hand, according to those studies, the deactivation of 
the catalysts and horizontal well packing with commercial catalysts were considered as major 
drawbacks (Xia et al., 2003). 
During this study, a laboratory-scale investigation was conducted to examine the 
effectiveness and activity of different types of dispersed unsupported transition metal 
catalysts for in situ heavy oil upgrading instead of pellets of catalyst packed in an annulus 
around the horizontal well.  Also, this study is devoted to investigate the effects of different 
hydrogen sources (methane, steam) instead of hydrogen in the presence and absence of 
unsupported dispersed catalyst (Fe2O3 ≤ 50 nm) for in situ heavy oil upgrading instead of 
pellets of catalyst packed in an annulus around.  Additionally, effect of tetralin with and 
without dispersed catalysts was studied and compared with upgrading reaction achieved 
under different reaction conditions.  
Ultradispersed in situ catalytic upgrading has been reported to outperform the augmented 
catalytic upgrading achieved by incorporating pelleted refinery catalyst to the horizontal 
production well of the THAI process (Hart et al., 2015).  Using ultrafine particles and 
pelleted Co-Mo/Al2O3 catalyst at reaction temperature 425 
oC, the API gravity and viscosity 
of the produced oil was found to improve by 9o API and 96 % with ultrafine particles 
compared to 5o API and 79 % achieved with pelleted fixed-bed catalyst (Hart et al., 2015).  
However, Galarraga and Pereira-Almao (2010) investigated ultradispersed trimetallic (Ni–
W–Mo) submicronic catalyst for in situ upgrading at 380 oC in a batch reactor, a stirring 
speed of 500 rpm, and reaction time 3–70 h. 
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The API gravity increased by 6.5o and a viscosity reduction of 98 % was observed 
relative to the Athabasca bitumen (API gravity 9.5° and viscosity 7680 mPa s).  As the size of 
particle decreases to nanoscale, its specific surface area increases while the diffusion path 
length decreases, this improves interaction with macromolecules and cracking reaction.  Also, 
the nanoparticles (NPs) experience lower inter-particle distances that increases the probability 
of active phase interaction with the hydrocarbon molecules.  Ultradispersed upgrading is a 
once-through process, hence will bypass the hurdles of pre-packing the horizontal production 
well with pelleted HDT catalyst, but will require the precipitation or transport of the NPs into 
the mobile oil zone ahead of the combustion front during THAI process. Furthermore, 
utilising a once-through process deploying NPs could potentially reduce production line 
blockages due to coke deposition (Hashemi et al., 2014; Krishnamoorti, 2006).  Moreover, 
incorporating commercial supported catalysts and hydrogen with in-situ upgrading could be 
challenging, hence the search for a cost effective substitute for expensive hydrogen (H2) is 
required. Methane (CH4) is one of main sources of hydrogen (H2) and direct use of CH4 
instead of hydrogen during heavy oil upgrading could be economically attractive to generate 
hydrogen indirectly rather than using expensive pure hydrogen gas (Egiebor and Gray, 1990).  
Also, water could be used as an alternative source of hydrogen during heavy oil upgrading in-
situ (Watanabe et al., 2010; Dutta et al., 2000).  Furthermore, injecting a hydrogen donor 
solvent during the THAI process could be quite a promising solution to inhibit coke 
formation in the THAI process and also, eliminate further cost of using hydrogen gas.  The 
objectives of this study and the thesis organisation are described in detail in the next two 
sections. 
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1.2 Objectives of study 
The main goal of utilising NPs catalysts with the THAI processes is not only to 
improve the physical properties of heavy oil, such as API gravity and viscosity, but also to 
modify the product quality to produce a more valuable product and to minimise coke 
formation in product distribution.  The following are more specific objectives that were 
investigated during the current study:  
1) To understand the overall thermal upgrading mechanism as well as the catalytic 
upgrading mechanism using dispersed catalysts. 
2) To examine the activity and selectivity of different types of dispersed catalysts 
(inorganic transition metal oxide, transition metal in sulphide form) at hydroconversion 
conditions: Temperature > 300 °C, high hydrogen pressure and long reaction time (1 hour). 
To study the products of the reaction including:  
a) Product distribution (coke formation, light hydrocarbon formation, middle 
distillate formation). 
b) Product quality (sulphur, metal and nitrogen removal). 
c) Physical properties (API gravity and viscosity). 
3) To utilise Taguchi’s design of experiment method to study: 
a) Effect of reaction parameters such as reaction temperature, initial hydrogen 
pressure, reaction time speed of mixing and catalyst concentration upon heavy oil 
upgrading.  
b) Optimum reaction conditions. 
4) To evaluate the effect of tetralin and different hydrogen sources upon the inhibition of 
coke formation. 
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1.3 Thesis organisation 
The laboratory investigation into heavy oil upgrading by NPs is illustrated through 
seven technical chapters.  The current study examined the effect of NPs in down-hole 
upgrading of heavy oil as well as focusing on the inhibition of coke formation and increasing 
level of heavy oil upgrading.  The level of upgrading was evaluated in terms of physical 
properties (API gravity, viscosity), product distribution and product quality. 
Chapter 1 delivers the detailed introduction and motivations of the current study.  In 
addition, it illustrates the necessity to sustain oil as a major source of energy as well as 
showing the regional distribution of unconventional oil and identifying the considerable 
drawbacks and challenges in previous studies, which need further modifications and 
solutions.  Chapter 2 provides details about the chemistry of heavy oil and bitumen, the 
mechanism of thermal and catalytic upgrading, enhanced oil recovery technology as well as 
upgrading technology for heavy oil and bitumen using dispersed catalysts, and the 
fundamental technical background to down-hole catalysis and the emerging technologies, 
such as CAPRI add on THAI.  Furthermore, the chapter discusses the dispersed catalysts 
types, form and application in down-hole catalytic upgrading.  Chapter 3 presents the 
methods and materials in detail, and describes the analytical instruments that were used to 
measure the physical properties (API gravity, viscosity), product distributions and product 
quality.  Chapter 4 describes the optimisation study of catalytic upgrading of heavy oil using 
NPs iron oxide catalysts to identify the effect of process parameters upon heavy oil 
upgrading, and to achieve the maximum production of middle distillate as well as inhibit 
coke formation.  The investigation in Chapter 4 is based on the orthogonal array described in 
Chapter 3.  Signal-to-Noise ratio (SN) was employed to study the impact of control levels on 
response variables.  ANalysis Of VAriance (ANOVA) was employed to determine significant 
control factors.  Chapter 5 examines the effectiveness of different types of unsupported 
Chapter 1: Introduction 
11 
 
dispersed catalysts, such as inorganic transition metal oxide, transition metal sulphide.  In 
Chapter 5, the evaluation and selection of proper catalysts is carried out based upon levels of 
upgrading in terms of physical properties, product distributions, product quality and type and 
quality of formed coke.  Chapter 6 tests the effect of different hydrogen sources as well as 
effect of tetralin upon the inhibition of coke formation and heavy oil upgrading. Additionally, 
Chapter 6 shows effect of tetralin and different hydrogen source on type and quality of 
formed coke after upgrading of heavy feed. Chapter 7 provides the conclusion of this study 
along with further recommendations and future work 
.
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2 Chapter 2 
Literature Review 
2.1 Introduction  
Oil can be defined as chemical organic compound that is obtained from living 
organisms.  Oil mainly consists of carbon and hydrogen and can be found in gaseous, liquid, 
semisolid and solid states.  The oil in gas and liquid states is known as conventional oil.  
However, oil that tends to be found in a solid or waxy state is known as unconventional oil 
(Riazi, 2005; Gray, 1994).  Heavy oil, extra heavy oil and bitumen are common types of 
unconventional oil.  They are found in shallow deposits and are formed from conventional by 
the effects of weathering and bacteria (Clarke, 2007). 
Heavy oil, extra heavy oil and natural bitumen are characterized by low American 
Petroleum Institute (API) gravity, high viscosity, are deficient in hydrogen and rich in carbon 
and sulphur elements.  Additionally, they have a high concentration of oxygen, nitrogen and 
metals such as nickel and vanadium.  Oil with API gravity between 20o and 10o and a density 
above 1.00 g/cm3 is classified as heavy oil.  Extra heavy oil is usually defined as having an 
API gravity of less than 10o and a viscosity at reservoir conditions of no greater than 10,000 
cP (Ancheyta, 2013).  Natural bitumen tends to be more viscous in comparison with extra 
heavy oil, where its viscosity is over 10,000 cP at reservoir conditions, and a lower API 
gravity of 5o (Speight, 2005; Meyer et al., 2007). 
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Table  2.1 shows details about the chemical and physical properties of heavy crude oil 
and natural bitumen. 
Table  2.1.  Physical and chemical properties of heavy crude oil and natural bitumen (Meyer 
et al., 2007). 
Properties Unit Heavy Oil Natural Bitumen 
API gravity (at 15°C) degrees 16.3 5.4 
Viscosity (at 25°C) cP 100,947.0 1,290,254.1 
Viscosity (at 38°C) cP 641.7 198,061.4 
Asphalt  wt% 38.8 67 
Carbon wt% 85.1 82.1 
Hydrogen wt% 11.4 10.3 
Nitrogen wt% 0.4 0.6 
Oxygen wt% 1.6 2.5 
Sulphur wt% 2.9 4.4 
  
2.2 Chemical composition of heavy oil and bitumen  
Generally, reservoir fluids (e.g. light oil, heavy oil) are believed to be degraded 
chemically and biologically by the action of micro-organisms (Santos et al., 2014; Clarke and 
Trinnaman, 2004).  As a result of oil degradation phenomenon the chemical and physical 
nature of oil changes.  The oil form after degradation phenomenon could tend to be more 
viscous, deficient in a paraffinic group and has a high concentration of heteroatoms relative 
to original reservoir fluid.  For example, due to chemical and biological degradation the 
conventional oil (e.g. light oil) can be transferred to unconventional oil (e.g. extra heavy oil).  
Additionally, the degree of complexity of reservoir fluids can be classified based on the 
combination of hydrocarbon groups (e.g. aromatic, paraffin), presence of heteroatoms and the 
level of isomer presence in the reservoir fluids (Gray, 1994).  The following sections 
illustrate and explain the main constituents which are combined together to form heavy oil 
and bitumen. 
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2.2.1 Hydrocarbon groups 
Chemistry simply classifies the chemical compound into two main groups, namely 
organic and inorganic, depending on their origin.  The origin of inorganic compounds is from 
minerals, whereas carbon is the main component of organic compounds, as well them being 
derived from living organisms.  Hydrocarbons are the largest group of organic compounds, 
and only contain hydrogen and carbon atoms.  Hydrocarbons have the general formula of 
CxHy where x and y are integers.  Also, hydrocarbons are classified into four main groups, 
namely paraffins, olefins, naphthenes and aromatics.  In general, oil may contain a vast 
number of different hydrocarbon groups (Speight, 2014; Riazi, 2005).  Paraffins, also known 
as alkanes, are a large group of hydrocarbons, with methane (CH4) being the first compound 
in the homologous series.  Paraffins may account for up to 20% by volume in crude oil and, 
because of their saturated characteristic, paraffins could remain stable during long periods of 
geological time (Riazi, 2005; Danesh, 1998).  Examples of both normal paraffins and 
isoparaffins are shown below in Figure  2.1. 
 
Figure  2.1.  Examples of both normal paraffins and isoparaffins. 
 
Olefins are unsaturated non-cyclic hydrocarbons which have at least one double bond 
between carbon atoms.  In comparison with paraffins (saturated), olefins (unsaturated) are 
more reactive.  Olefins are mainly produced from oil cracking reaction in the refinery and 
they are a valuable products of the petrochemical industry where they are used as feedstock 
(a ) is o -par a ff in s
2,3 -d im eth y lhe x a n e
 
(C 8 H 1 8)
(b) n-paraffins 
n-Heptadecane (C 17H36 ) 
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to produce different types of polymers, such as polyethylene (Cook and Graham, 2008; 
Danesh, 1998).  Naphthenes are defined as saturated hydrocarbon rings with a general 
formula of CnH2n, and are also known as cycloalkanes.  The volume percentage of naphthenes 
in crude oil may reach 60%, and polycycloparaffins may be available in heavier oil (Riazi, 
2005; Gray, 1994; Boduszynski, 1988).  Figure  2.2 shows the common types of naphthenes. 
 
Figure  2.2.  Common types of naphthenes. 
 
Aromatics are cyclic unsaturated hydrocarbons which include carbon to carbon 
double bond, also, they are known by their fragment odours and benzene is the first 
compound in the aromatic family.  Generally, heavy oil has a high content of aromatics 
relative to light oil.  As an example, the percentage by weight of aromatics in coal liquid 
reaches as high as 98%.  Moreover, polyaromatics are rich with heteroatoms such as sulphur 
and nitrogen.  Different examples of polyaromatics are shown below in Figure  2.3 (Speight, 
2014; Cook and Graham, 2008; Riazi, 2005). 
e 
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Figure  2.3.  Examples of polyaromatics. 
 
2.2.2 Heteroatoms 
Sulphur, nitrogen, oxygen and metals (Ni and V) are the main heteroatoms which can 
be found in all the different types of oil in different concentrations.  The main target is to 
minimize the concentration of heteroatoms when upgrading the oil.  This reduction plays an 
important role in controlling undesired emissions, such as nitrogen oxide and sulphur oxide.  
Furthermore, metals (Ni and V) are considered a major reason for catalyst deactivation during 
oil upgrading (Speight, 1997). 
The most important heteroatom is sulphur; it can be found in natural gas in the form 
of hydrogen sulphide (H2S) as well as in oil in cyclic and non-cyclic compounds.  Mercaptans 
(R-S-R) and sulphide (R-S-Rʹ) are common examples of sulphur compounds in oil, where R 
and Rʹ are alkyl groups.  Also, hydrogen sulphide can be associated with the natural gas and 
its amount could reach 30% by volume of gas.  Additionally, the sulphur content in liquid oil 
varies between 0.05% and 6 % by weight (Riazi, 2005; Gray, 1994; Gray, 2015).  Table  2.2 
shows the range of heteroatoms on a weight basis in heavy oil (liquid). 
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Table  2.2.  The range of heteroatoms on a weight basis in heavy oil (Speight, 2014). 
Heteroatoms Range (wt%) 
Nitrogen (N) 0.1-2.0 % 
Oxygen (O) 0.05-1.5 % 
Sulphur (S) 0.05-6.0 % 
Metal (V, Ni and Cu)  < 1000 ppm (0.1 % ) 
 
In general, as oil tends to be heavier (low API), the heteroatoms and carbon content 
increases; however, the quality of oil and hydrogen content decreases.  The vanadium level 
should be controlled below 2 ppm to avoid severe corrosion and deterioration.  Figure  2.4 
shows examples of heteroatoms in heavy crude oil. 
 
 
Figure  2.4.  Examples of heteroatoms in heavy crude oil. 
 
2.2.3 Asphaltene  
Asphaltene is a complex group of compounds with a high boiling point of more than 
500°C; which is rich with polyaromatic groups.  Moreover, an asphaltene compound contains 
sulphur and nitrogen elements which are presented in benzothiophene and pyrrole 
respectively.  Also, asphaltene contains heavy metals, such as nickel and vanadium, that 
attach to pyrrole nitrogen atoms in a porphyrinic ring (Merdrignac and Espinat, 2007; 
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Demirbas, 2002).  Extensive studies were undertaken in order to understand and model 
asphaltene structure (Ancheyta, 2013).  The most conventional definition of asphaltene is 
based upon its solubility properties, where it is defined as a fraction that is soluble in 
aromatic solvents such as benzene or toluene, and insoluble with excess of n-pentane  or n-
heptane, (Sharma et al., 2007; Andersen, 1994).  Figure  2.5 shows structure of the asphaltene 
molecule. 
 
Figure  2.5.  Structure of asphaltene molecule (Speight, 2014). 
 
2.3 Heavy oil and bitumen extraction technology  
Reservoir production involves three main stages in the extraction and production of 
crude oil for different applications.  During the production process, multiple techniques are 
used to improve the production of reservoir fluids as well as to maintain the reserves.  In this 
section, primary, secondary and enhanced oil recovery will be discussed in detail. 
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2.3.1 Primary and secondary methods for heavy oil and bitumen recovery 
The first stage in oil production is primary recovery, during which oil production is 
controlled by natural drive mechanisms, such as the force of gravity and associated gas 
evolution from reservoir fluids.  Primary recovery efficiency is low, differing from the 
various natural drive mechanisms involved. Primary production efficiencies vary between 5 
and 20% of the original oil in place (OOIP) (Aurel, 1992). 
The secondary production stage begins when the energy from the natural driving 
mechanisms declines.  The main goal of the secondary recovery stage is to raise and maintain 
the reservoir pressure.  In order to achieve this, external energy, usually water injection (i.e. 
water flooding) is used.  The net efficiency of both primary and secondary methods combined 
is less than 40% of the OOIP (Dong et al., 2009; Butler and Mokrys, 1993).  
The dominant methods for heavy oil and natural bitumen in the earlier production 
stages are open pit surface mining and cold production (Tüzünoǧlu and Baǧci, 2000; Greaves 
et al., 2000a).  Recently, the oil industrial sector started concentrating on thermal energy as 
an external force to improve recovery of heavy oil and natural bitumen.  Steam flooding and 
in situ combustion are the most important techniques in thermal extraction for unconventional 
oil; however, extensive studies and research were conducted to develop those techniques in 
order to improve the recovery rate (Shah et al., 2010; Greaves et al., 2012).  THAI and steam-
assisted gravity drainage (SAGD) are the most recent techniques created to overcome the 
difficulties for production of heavy oil and bitumen. 
2.3.1.1 Surface mining 
Surface mining is a reliable and economical method for very shallow oil reservoirs.  It 
excavates the oil reservoir to produce oil sand and then the oil sand is treated with hot water 
and caustic soda (NaOH) to extract natural bitumen.  It is a very efficient method where the 
total recovery of bitumen from a shallow oil reservoir can reach 90% of the original bitumen 
 in place; however, it is limited because it 
mining may be considered as 
considered, where rivers, lands and trees 
mining method due to excavation 
2.3.1.2 Cold heavy oil production 
The cold production method can be applied to recover heavy oil at reservoir 
conditions by drilling networks of horizontal wells in 
method operates without an 
production (Huang et al., 1997)
supported by multiple lateral branches where most of
During the production processes
and different types of pumps 
production technique is low in c
method (steam-assisted gravity drainage). 
low; it varies from 8 to 12% 
This method is used in Venezuela as well as 
shows a well configuration of the cold production method.
Figure 
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only works for shallow deposits.
an unfavourable method if the environmental impacts are 
can be destroyed by implementation of 
(Shah et al., 2010). 
 
an oil reservoir.  The cold production 
external source of energy, such as heat
.  In order to maximize the production the horizontal wells 
 the oil reservoir area is covered. 
, diluents such as naphtha are injected to reduce oil viscosity 
are used to lift the oil to the surface.  The cost of 
omparison with other technologies, such as 
 However, the cold production recovery factor is 
of OOIP (Villarroel and Hernández, 2013; Dusseault, 2008)
the North Sea to recover heavy oil.
 
 
 2.6.  Cold production well configuration. 
 
  However, surface 
surface 
, to improve the 
are 
 
the cold 
the thermal 
.  
  Figure  2.6 
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2.3.1.3 Water flooding 
Water flooding can be considered as a useful production technique, especially for 
conventional oil.  The implementation of water flooding starts at the secondary stage for 
conventional oil; however, it can be employed as a primary technique in unconventional oil 
deposits for limited cases (Romero-Zerón, 2012; Buckley and Leverett, 1942).  The main 
objective of water flooding is to supply pressure to the reservoir to displace oil towards the 
production well.  The process can be summarized as follows: first, the water is injected into 
the injection well (vertical and horizontal well) where the injected water provides a more 
uniform pressure in the oil reservoir and therefore, pushes the oil towards the producing well. 
Then, the submersible pumps are used to lift oil to the surface.  Also, the water flooding 
technique further enhances the production of water from oil reservoir which can then be used 
in production processes to reduce the quantities of injected water.  The effectiveness of the 
water flooding method tends to be low in deposits without underling water, where the 
injected water is dispersed and chanelled along the reservoir before it reaches the production 
well (Hawkins, 1991; Donaldson et al., 1985). 
2.3.1.4 Cold heavy oil production with sand  
Cold Heavy Oil Production with Sand (CHOPS) is a non-thermal recovery technique 
which has been successfully applied to the heavy-oil belt in Eastern Alberta, Canada.  
However, it has been reported that only between 5 and 15% OOIP can be produced by 
CHOPS (Istchenko and Gates, 2014; Du et al., 2015; Zhao et al., 2014).  The production of 
heavy oil using CHOPS technique starts by deliberate initiation of sand influx into a 
perforated oil well and, as a consequence of that, the oil in place will be produced with the 
sand influx (Dusseault, 2002).  Under CHOPS processes the major driving force which can 
maintain the deliberated sand influx are foamy oil flow phenomena and gravitational force 
(vertical stress generated by overburdened strata) (Dusseault, 2002).  In this method, the 
production well is designed in such a manner that allows the sand and crushed rock to flow 
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up to the surface at the same time as the oil.  The CHOPS technology depends on a vertical 
well which is equipped with an artificial lift system to lift the sand and oil to the surface.  The 
implementation of this technique creates wormholes through the reservoir (Rivero et al., 
2010).  The wormholes play an important role in increasing the permeable flow paths which 
improve the production rate up to 30 times in comparison with cold heavy oil production 
alone.  CHOPS is highly recommended for poorly consolidated sandstone reservoirs 
(Dusseault, 2002; Clarke, 2007).  It is implemented extensively in Canada where the majority 
of the heavy oil deposits have a high porosity (poorly consolidated sandstone reservoirs).  
The effectiveness of CHOPS is related to the gas evolved during the heavy oil production. 
The high gas-oil ratio helps to disturb and set the sand particles in motion (Shah et al., 2010).  
Figure  2.7 shows a schematic diagram of the CHOPS well. 
 
Figure  2.7.  Cold heavy oil production with sand well schematic (CHOPS) (Dusseault, 2008). 
 
The major challenge in CHOPS is in separating the produced sand, which needs 
special equipment, and is expensive.  The expansion of wormholes is an important issue that 
should be taken into consideration during the production processes; it allows the stored water 
to migrate from its sources to fill the production well, which force the producer to shut down 
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the production wells later.  Recent studies recommend filling the wormholes with clay or 
some gel foam in order to solve the water immigration problem (Clarke, 2007).   
Table  2.3 summarizes commercial primary production methods for heavy oil and bitumen.  
Table  2.3.  Summary of commercial primary production methods for heavy oil (Clarke, 
2007). 
Method Current usage Remarks 
Surface mining 
Used in Canada for shallow oil 
sand 
High recovery factor 
High environmental 
impact 
Cold heavy oil production 
(Horizontal well and 
multilateral well) 
Used in Venezuela, some used in 
North Sea 
Low recovery factor 
Low capital expenditure relative to 
thermal technique 
Water flooding 
UK Continental shell 
Considerable cost 
Cause Channelling in absence of 
underling water 
Cold heavy oil production 
with sand 
Used in Western Canada 
Low recovery factor 
Requires good gas-oil ratio 
Unconsolidated sandstone reservoir 
 
2.3.2  Enhanced recovery technologies for heavy oil and bitumen  
Enhanced Oil Recovery (EOR) is classified as the last stage in reservoir production.  
In this phase, external thermal energy, gas injection or chemical injection are used to 
stimulate production.  EOR processes are selected based on the fluid characteristics, such as 
oil viscosity, the geology of the reservoir and the OOIP (Taber et al., 1997).  The main goals 
for EOR technologies are to improve the displacement of heavy oil by reducing its viscosity, 
decrease interfacial tension and increase the contact area of the reservoir during the extraction 
processes, which known as the improvement of sweep efficiency.  Thermal technology is 
highly recommended to improve the production of extra heavy oil and bitumen, while the 
injection of gas and chemical material is more suitable for heavy oil (Ghoodjani et al., 2012; 
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Donaldson et al., 1985).  Details of the commercial technologies used to enhance heavy oil 
and bitumen recovery will be discussed in the following sections. 
2.3.2.1 Miscible displacement  
The principle of miscible displacement is similar to water flooding. Gases such as 
carbon dioxide (CO2), nitrogen (N2) and light hydrocarbons (CH4) are used to stimulate 
production (Sheng, 2015; Torabi et al., 2012; Miller and Hamilton-Smith, 1998).  In this 
technique, gases are injected into the reservoir to reduce the interfacial tension of oil as well 
as maintain the reservoir pressure.  A limited miscible zone is formatted between the 
displacing fluid and oil; this zone can be considered as a piston pushing the oil towards the 
production well (Monger and Coma, 1988).  On the other hand, the used gases have a low 
density in comparison with the reservoir oil which can create good sweep efficiency.  In 
general, the gas injection technique is categorized as a low-cost process relative to the 
thermal methods, because CO2 and N2 gas are abundant.  The gas injection technique is not 
recommended for shallow deposits as displacement efficiency for gas injection decreases for 
high viscosity oil (Zuo et al., 1993; Thomas, 2008).Table  2.4 shows a comparison between 
major gases used in miscible displacement technique (Clarke, 2007). 
Table  2.4.  Comparison between major gases used in miscible displacement technique 
(Clarke, 2007). 
Gas 
Minimum 
Miscible 
Pressure 
Cost Extracts Comment 
Carbon 
dioxide 
Low 
High, due to separation of 
CO2 and pressurizing 
recycled gas 
Light to intermediate 
components 
(C5-C30) 
Causes asphaltene 
precipitation 
Nitrogen High Low 
Light components (C2-
C6) 
 
Methane High High 
Light components 
(C2-C6) 
Enriches gas drive or 
dry gas drive 
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2.3.2.2 Chemical flooding  
Similar to the miscible displacement principle, chemical flooding concentrates on 
reducing the interfacial tension of oil as well as improving sweep efficiency (Dong et al., 
2009).  The technique relies on polymers, surfactants and alkalis to enhance oil recovery by 
up to 40%.  The major problem with chemical flooding is the adsorption of chemicals by the 
reservoir, especially the carbonate and clay.  Also, it is considered a high cost process, due to 
the high cost of chemicals.  Extensive studies were conducted to optimize this technology 
either by mixing polymers, surfactants and alkalis to form the emulsions, or by developing 
foams and microbes which form an in situ surfactant from biological processes (Shah et al., 
2010; Wang and Dong, 2009; Liu et al., 2007). 
2.3.2.3 Thermal technologies  
Thermal technologies are the most powerful way to improve natural bitumen and 
heavy oil production.  Steam flooding and in situ combustion are the dominant techniques in 
thermal methods to enhance unconventional oil recovery (Ghoodjani et al., 2012).  All the 
thermal methods rely on external sources of heat to reduce oil viscosity which increases the 
mobility of heavy oil (Greaves et al., 2000a).  In spite of thermal technologies’ high energy 
cost, they are a feasible choice for enhanced heavy oil recovery.  Details about several 
thermal methods, such as steam injection, in situ combustion and Toe to Heal Air Injection 
(THAI) will be discussed in the following sections. 
2.3.2.3.1 Steam injection 
Under this process, continuous steam injection supplies heat to the reservoir in order 
to stimulate production of heavy oil (Ali, 1974; Romero-Zerón, 2012).  There are different 
patterns that the injection wells can be arranged in to supply heat for the reservoir; however, 
the highly recommended pattern is one which arranges the injection wells to surround the oil 
layer (Shah et al., 2010).  Continuous steam injection through the surrounding pattern creates 
a steam zone which reduces the heavy oil’s viscosity, as well as providing the driving force 
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pressure to help the heavy oil move towards the production well (Farouq Ali, 1982; Ali and 
Meldau, 1979).  The recovery factor under the steam injection method is normally up to 60% 
OOIP (Clarke, 2007).  On the other hand, the disadvantages of the steam injection process 
can be concluded as the heat loss in earth formation and high cost of generating steam.  
2.3.2.3.2 Cyclic steam stimulation   
Cyclic Steam Stimulation (CSS) is an older thermal technology also known as "huff 
and puff" which consists of three stages.  Figure  2.8 shows the stages of CSS process.  The 
first stage of CCS starts by injecting high-pressure steam through a single well for durations 
of between three weeks and one month.  The second stage of CCS is "soaking" where steam 
stays in the reservoir to allow the heat distribute before the well turns to production mode 
(third stage) (Bera and Babadagli, 2015; Shah et al., 2010).  The injection of high pressure 
steam during CCS process creates a fracture in the oil formation and as a consequence, 
injected steam rises rapidly in the reservoir due to its lighter density.  Also, under CCS the 
concentrated steam injected on one side of the reservoir which provides incoherent heating, 
which pushes oil to the surface through the wells (Ho and Morgan, 1990).  The CCS records 
a high recovery factor in the beginning of production stage and the obtained recovery factor 
remains within a narrow range of target level for a short period before it becomes gradually 
depleted.  A new cycle of periodic of steam injection in the production well alternating with 
production is then implemented to boost the production rate towards the target level.  
However, more cycles could be needed to maintain the recovery factor at the same level 
during the CSS process.  The recovery factor range of CSS varies from 10% to 40% (Alvarez 
and Han, 2013; Alikhlalov and Dindoruk, 2011).  
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Figure  2.8.  Cyclic steam stimulation process (Shah et al., 2010). 
 
2.3.2.3.3 Steam-assisted drainage gravity  
Steam-Assisted Gravity Drainage (SAGD) relies on continuous steam injection to provide 
the required heat to stimulate production of reservoir fluid.  The SAGD well configuration 
consists of two parallel horizontal wells where the steam injection well is set about 5 meters 
on the top of the production well as illustrated in Figure  2.9 (Bera and Babadagli, 2015; 
Clarke, 2007).  This source of heat (steam) reduces the heavy oil’s viscosity and makes the 
heavy oil move downwards to the production well (see Figure  2.9).  The success of SAGD 
relies on different issues, such as the geology of reservoir, the rate of the injected steam and 
operation conditions.  In addition, the SAGD method provides a good recovery factor of 50% 
OOIP (Jimenez, 2008). However, it has been reported that SAGD is not a feasible choice for 
a thin reservoir (For example the depth of some of the Canadian reservoirs are only 6 meters) 
where the reservoir depth is not sufficient to set up SAGD well configuration (two horizontal 
well).  Additionally, SAGD is considered an expensive method where two to ten barrels of 
water are needed to produce one barrel of heavy oil. Furthermore, as a result of the steam 
generation, greenhouse gases are formed and emitted.  On the other hand, Expanding Solvent 
Steam Assisted Gravity Drainage (ES-SAGD) technology was developed in order to optimize 
SAGD costs as well as increase energy efficiency.  The ES-SAGD method depends on 
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injecting steam with a solvent to enhance oil recovery.  The ES-SAGD method recovery rates 
fluctuate from 40% to 60% OOIP (Dong et al., 2015; Shah et al., 2010; Yang et al., 2006). 
 
Figure  2.9.  Steam Assisted Gravity Drainage ( SAGD) well configuration (Tonn, 2010). 
 
2.3.2.3.4 Conventional in situ combustion (fire flooding) 
The conventional in situ combustion process relies on heat displacement using oxygen 
gas (or air) in order to improve heavy oil recovery (Liu et al., 2011; Guerra Aristizábal and 
Grosso Vargas, 2005; Moore et al., 2012).  Similar to the water flooding method, air or 
oxygen-enriched air is injected into the target formation through the injection well for several 
days to a few weeks.  The injected air is then burned using either an electrical heat source or 
down-hole gas burners.  In the presence of oxygen, fuel (a portion of reservoir oil) and a 
source of ignition, the exothermic reaction taking place in the target formation produces 
steam, water and flue gases, which form the combustion zone.  The steam provides a large 
amount of heat where the temperature rises up to 600oC near the combustion zone (Castanier 
and Brigham, 2003; Bagci and Kok, 2001; Moore et al., 1995).  As a result of the combustion 
reaction in the reservoir, heavy oil viscosity is reduced due to heat generated and the oil 
recovery becomes stimulated.  Also the heavy oil displacements could be further improved by 
assistance of the formed gas from combustion reaction.  Generally, in comparison with other 
thermal methods, such as steam injection, conventional in situ combustion has effective 
thermal displacement with less environmental impact due to the in situ generation of thermal 
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energy.  However, low densities of flue gases, as well as rock heterogeneity, restrain the 
success of the process where gas channelling and overriding occurs (Castanier and Brigham, 
2003).  
The combustion front progression of conventional in situ combustion produces different 
zones between the injection and producer wells due to heat, mass transfer and chemical 
reaction (Shah et al., 2010).  Those zones can be summarized as follows: 
1. Burn zone: traces of solid as well as unburned residual oil are found in this zone. 
Also, the temperature profile directly increases from burn zone to front burn zone 
due to the continuous air injection. 
2. Front combustion zone: in this zone the temperature reaches its peak value where  
oxidization reaction of heavy hydrocarbon initiate in the presence of oxygen  
3. Downstream of the front combustion zone: due the high temperature of the 
combustion zone, further treatment of crude oil is achieved by thermal cracking as 
well as light ends (C1-C4) are produced. Also, as results of thermal cracking of 
heavy hydrocarbon organic solid formed which deposit on the rock.  
4. Steam plateau: the temperature reduces in this zone and OOIP may undergo mild 
thermal cracking where the oil viscosity reduces; mild thermal cracking is known 
as visbreaking. 
5. Water bank: in this zone the temperature decreases under the steam saturation 
temperature which leads the water to condensate next to the steam plateau zone.  
6. Oil bank: the displaced light oil from the downstream zone is collected in this 
zone including the obtained light ends. 
7. Beyond layer: the rest of the reservoir which is not affected by the in situ 
combustion process. 
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2.3.2.3.5 Toe to Heel Air Injection  
Toe to Heel Air Injection (THAI) is classified as an advanced thermal technology 
which combines horizontal well technology with conventional in situ combustion technology.  
THAI could play two important roles by enhancing the production of heavy oil and partially 
upgrading it in situ, which is beneficial for transportation and further downstream upgrading 
(Xia and Greaves, 2002; Greaves et al., 2000a).  Mainly, the producer well is placed 
horizontally in the direction of the driving force, near the combustion zone and air is injected, 
either through the horizontal well (HIHP) or vertical well (VIHP).  There are different well 
arrangements; more horizontal wells are added for production and injection or more vertical 
wells are placed for injection (Greaves, 2004).  Basically, steam is injected for around three 
months to create a suitable hot environment around the horizontal well and reservoir 
formation, as well as the vertical well. Compressed air is then injected to initiate the 
combustion. It generates a high temperature (between 400 and 600oC) at reservoir pressure 
(30 to 50 bar) where thermal cracking reactions take place in the mobile oil zone (Guan et al., 
2011; Greaves et al., 2008).  The thermal cracking reaction partially upgrades the bitumen 
and heavy oil through carbon rejection.  Normally, the bitumen API gravity value increases 
by several orders and light ends are produced from heavy hydrocarbons, as well as the 
viscosity of heavy oil decreasing (Greaves et al., 2000b).  In comparison with conventional in 
situ combustion, THAI is characterized by the combustion and oil displacements taking place 
in a small section, which known as short displacement process (Greaves et al., 2012; Xia and 
Greaves, 2006).  
Using THAI technology as a short displacement process creates several advantages for 
enhancing the recovery of bitumen and heavy oil.  First, a short displacement process controls 
gases overriding where the flue gases from the combustion are forced to leave the formation 
through a horizontal well.  Secondly, it increases the sweep efficiency because the 
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combustion propagation through the horizontal well leads to a high recovery factor of 80% 
OOIP.  In addition, this technology is not affected by reservoir conditions or geology of the 
reservoir like other thermal techniques.  It is feasible at low pressure, deeper reservoirs and 
thinner reservoirs, (Liang et al., 2012; Shah et al., 2010; Clarke, 2007; Xia et al., 2003).  
Figure  2.10 illustrates the THAI process.  
 
Figure  2.10.  Toe to Heel Air Injection (THAI) processes (Xia and Greaves, 2006). 
 
2.4 Chemistry of upgrading heavy oil and bitumen  
Within this section, the chemical mechanism of heavy oil and bitumen upgrading will 
be discussed in order to explain the findings and observed experimental results.  The ultimate 
chemical and physical objectives of upgrading heavy oil and bitumen can be summarized by 
the following points (Timko et al., 2015; Schacht et al., 2014; Chao et al., 2012; Gray, 1994) 
to: 
1. Enhance production of middle distillates which have a boiling point below 525°C by 
breaking carbon to carbon and carbon to sulphur bonds of high molecular weight 
components in heavy oil and bitumen. 
2. Maximize Hydrogen to Carbon mol ratio (H/C) of middle distillate products to meet 
market desirable value of 1.8 (mol/mol). 
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3. Suppress formation of undesired products, such as coke, to prevent catalyst 
deactivation. 
4. Reduce heteroatom concentrations, such as sulphur and nitrogen, down to very low 
levels to avoid emission of undesirable gas such as nitrogen oxide and sulphur oxide. 
5. Improve physical properties of produced oil after upgrading, such as API gravity and 
viscosity. 
Generally, heavy oil and bitumen undergo simultaneous series reactions under thermal 
and catalytic upgrading. Gray (1994b) suggests the terms "primary upgrading" and 
"secondary treatments" to facilitate understanding of the chemistry of heavy oil upgrading. 
Primary upgrading is the first step towards converting large molecules in heavy oil and 
bitumen into light and more valuable products (middle distillates).  This step mainly depends 
on a significant breaking of carbon to carbon (C-C) bonds in heavy oil by using thermal 
energy.  In addition, C-C bond breaking can be promoted by prober catalysts in the presence 
of hydrogen gas (H2). Thermal cracking and hydroconversion are the commercial 
terminologies for primary upgrading (Speight, 2013; Gray, 1994).  In the secondary step, the 
products after primary upgrading are further treated in the presence of prober catalysts and 
H2, where further improvement in the products’ quality (sulphur and metal removal) is the 
ultimate target in this step.  Hydrotreating is the most common commercial process to 
conduct the secondary treatments (Edwards et al., 1986; Wailes et al., 1980; Tang et al., 
2014). 
Primary upgrading and secondary treatment are different steps; however the two steps 
share implied chemistry (Gray, 1994). At primary upgrading, the thermal reaction is 
dominant over the catalytic reaction due to the high temperature however, at milder reaction 
temperatures the secondary treatment leads to (Hsu and Robinson, 2007). 
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2.4.1 Thermal reaction 
At high temperatures, even without catalysis, the primary upgrading of heavy oil can 
be achieved by breaking chemical bonds to produce light oil. Carbon to carbon (C-C), Carbon 
to Hydrogen (C-H) and Carbon to –Sulphur (C-S) bonds are the main bonds affected by 
thermal reaction.  In order to achieve a moderate rate of C-C bond breaking, the temperature 
of the order of 420°C is required in the absence of a catalyst (Gray, 1994).  Furthermore, the 
C-C and C-H bonds in the aromatic groups are much stronger than other hydrocarbon groups, 
due to resonance stabilization and that the aromatic bonds are unbreakable at temperatures of 
less than 600°C (Gray, 2015).  Primary upgrading at temperatures below 400°C are limited 
and it needs an initiation by a very active catalyst, such as zeolite, to promote C-C bond 
breakage (Gray, 2015). In conclusion, the primary upgrading should be operated at a 
temperature above 420°C to promote C-C bond breakage; also the contribution of catalyst at 
high reaction temperature is limited. Table  2.5 shows the required energy to initiate bond 
breaking in different hydrocarbons groups. 
Table  2.5.  Bond dissociation energy for different hydrocarbon groups (Benson, 1976; Gray, 
2015; Gray, 1994). 
Chemical bond Energy (kcal/mol) Reaction Temperature °C 
C-C (aliphatic) 85 < 420 
C-H (n-Alkanes) 98 < 420 
C-H (aromatic) 110.5 < 600  
C-S (methyl sulphide) 77 < 420 
 
2.4.1.1 Cracking of paraffins  
Thermal reaction of paraffins is considered as a base line to understand and develop a 
reaction mechanism of other types of hydrocarbons groups under high reaction temperature. 
In the absence of catalysts, the cracking of paraffins molecules is initiated by thermal energy. 
As a consequence, highly active free radicals form and the cleavage of C-C bonds proceeds 
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via free radical chain reactions (Chen and Yan, 2008; Gray, 1994; Magaril, 1967). The 
thermal reaction stages of paraffins are as follows (Gray, 1994): 
Initiation:      
 2∙           2.1 
Propagation:  
Chain transfer     
∙ + 
 +∙         2.2 
β-scission      
∙ ∙ +          2.3 
Termination:     
 +          2.4 
where M is the parent compound, and ∙ is the smaller alkyl radical. 
The chain reaction takes place when reactions 2.2 and 2.3 are more frequent relative 
to reactions 2.1 and 2.4. Also, reaction pressure plays an important role in directing the 
reaction pathway, where paraffins thermal cracking at low pressure (101.3 KPa) tends to 
form lighter olefins such as ethylene (Gray, 1994).  However, at high pressures (≥ 10 MPa) 
both hydrogen abstraction reactions (equation 2.2) as well as radical addition reactions 
(equation 2.4) become more frequent. Additionally, at elevated pressure the thermal cracking 
of paraffins can be illustrated in terms of a single-step mechanism where the β-scission 
reaction (equation 2.3) is less important (Kissin, 1987; Ford, 1986; Fabuss et al., 1964).  
Moreover, it has been reported that thermal cracking of paraffins under moderate reaction 
pressure (3-7 MPa) can be described in terms of a two-step cracking (equation 2.2 and 2.3) 
(Zhou et al., 1987; Zhou and Crynes, 1986; Mushrush and Hazlett, 1984). The heavy oil and 
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bitumen constituent is deficient in paraffins; however, the side chains of the heavy molecules 
tend to react according to the paraffins thermal cracking (Gray, 1994). 
2.4.1.2 Olefins reaction  
The hydrogenation reaction of olefins takes place in the presence of catalysts and 
hydrogen to form saturates.  However, in the absence of H2 or catalysts, olefins are involved 
in free radical reactions to form either more olefins or diolefins as follows (Gray, 2015; Gray, 
1994):  
Hydrogen abstraction: 
     2.5 
β-scission: 
     2.6 
Addition: 
     2.7 
 
2.4.1.3 Naphthene reactions 
The naphthenes rings are linked with other groups via the paraffinic bridge.  Under 
high reaction temperatures (in the absence of catalysts) the naphthenes rings follow a similar 
mechanism to paraffins thermal reaction, however naphthenes can also follow additional 
pathways, such ring opening and dehydrogenation. The reaction chemistry of naphthenes 
shows that the products released are mainly naphthenic groups and the associated chains 
which consider more readily than breaking up of naphthenic aggregates. The naphthenes’ 
thermal reaction is illustrated in the following equations (Gray, 1994; Savage and Klein, 
1988): 
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     2.8 
     2.9 
 
Naphthenes can be hydrogenated to form aromatics in the absence of hydrogen and 
catalysts. For example, tridecylcyclohexane could be hydrogenated at a high reaction 
temperature (450°C) to form an aromatic and toluene. Additionally, in the presence of 
catalysts in a rich hydrogen atmosphere, the reverse reaction can take place, where the 
naphthenes are produced from aromatics. The hydrogenated reaction of tridecylcyclohexane 
is presented as follows (Gray, 1994): 
               2.10 
 
2.4.1.4 Alkylaromatic and aromatic reactions  
Aromatic groups, such as benzene, are not cracked thermally at temperatures below 
600°C. However, the thermal reaction mechanism of alkylaromatics is similar to 
alkylnaphthanes, where the thermal cracking removes the side chains and gives the following 
distributions: alkylaromatic with shorter side chains, alkanes and olefins (Gray, 2015; Savage 
and Klein, 1987). The produced alkylaromatic radicals due to thermal cracking of 
alkylaromatics tend to participate in condensation reactions which give dense fused aromatics 
and eventually coke (Towfighi et al., 2002).  Poutsma (1990) suggested that the following 
radical reaction forms the bridge aromatic compounds.  The bridge aromatic compounds 
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could then propagate via addition reactions to form a cluster of aromatic rings that can lead to 
coke formation (Poutsma, 1990).  
               2.11 
 
2.4.2 Catalytic reactions 
Thermal reaction (primary upgrading) is dominated by the conversion of heavy 
molecules to form more valuable products, such as middle distillates.  However, catalysts 
play an important role during primary upgrading, where they enhance hydrogen uptake as 
well as inhibit condensation reactions which could lead to suppressed coke formation (Hart et 
al., 2015; Liu et al., 2009; Ren et al., 2004).  Molybdenum, nickel, cobalt, iron and tungsten 
are active transition metals used for hydrogenation reactions (Panariti et al., 2000a). In 
addition, these metals have the ability of being active in either metallic or sulphide form. 
However, it has been reported that the metal sulphide form has a higher activity relative to 
the metallic form.  High sulphur content in heavy oil can contribute to transferring metal 
oxide catalysts to active phase (sulphide form) under upgrading conditions (Bhattacharyya 
and Mezza, 2012; Panariti et al., 2000a; Derbyshire and Hager, 1992). 
2.4.2.1 Reaction of aromatic compound 
Hydro-aromatics and naphthenes were generated by hydrogenating the aromatic 
groups in the presence of proper upgrading catalysts and hydrogen gas.  Hydrogenation 
reactions of aromatic groups are directly proportion to the number of rings; the more rings in 
the aromatic group, the more it thermodynamically tends to hydrogenation reaction.  For 
example, benzene is hard to hydrogenate compared to phenanthrene and naphthalene (a 
polyaromatic) (Gray, 1994) The following reactions illustrate how these polyaromatics 
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undergo cycles of dehydrogenation and hydrogenation in the presence of proper catalysts and 
hydrogen gas: 
               2.12 
               2.13 
 
Hydrogenation and dehydrogenation reactions of aromatic group are very important in 
upgrading bitumen and heavy oil where these compounds are rich in polyaromatics and 
naphthenes. Different studies have been conducted to further understand and develop 
aromatic thermal reaction using deuterium as a tracer for hydrogen transfer, as well as model 
compound instead of heavy oil (Dwyer and Rawlence, 1993; Steer et al., 1992).  According 
to those studies, free radical reactions, such as those in equation 2.13, occurs at temperatures 
of about 450°C which lead to little hydrogen shuttling. 
In general, C-C bond breaking is mainly controlled by thermal reactions; however, 
catalysts can enhance the uptake of hydrogen in liquid hydrocarbons. This provider of 
hydrogen can lead to the minimizing of coke formation and produce more valuable products 
(Steer et al., 1992; Otterstedt et al., 1986; Miki et al., 1983).  
2.4.2.2 Reaction of sulphur and nitrogen compounds 
Sulphur compounds in heavy oil and bitumen show different reactivity.  For example, 
the sulphur elements attached to aliphatic groups are readily removed during thermal 
reactions. However, the sulphur associated with aromatic groups, such as in thiophene 
compounds, needs further treatment in the presence of proper catalysts and hydrogen.  The 
catalytic hydrodesulphurization (HDS) reaction can take place in two parallel pathways, 
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namely hydrogenolysis and hydrogenation. Moreover, reaction mixture, catalysts and 
hydrogen pressure are the key parameters affecting the two types of reactions (Gray, 1994). 
The sulphur removal could be achieved via hydrogenolysis pathway where the 
sulphur bonds cleavage are caused by hydrogen. (Prins et al., 1989) developed the reaction 
mechanism of sulphur removal via hydrogenation pathway in the presence of catalysts; they 
found that the NiMo and CoMo catalysts are selective for sulphur heterocyclics in the 
preference of aromatic hydrocarbons.  Also, they explained this result based on favourable 
energetic of coordination of the sulphur atom with active sites on a catalyst’s surface.  The 
following equations illustrate this mechanism (Prins et al., 1989): 
             2.14 
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As shown above, hydrogenation of attached sulphur groups on molybdenum surface 
gave hydrogen sulphide and regenerate the active site on molybdenum surface (Gray et al., 
1989).  Eventually a new catalytic cycle will start to remove another sulphur atom following 
the same mechanism.  However, compared with sulphur compounds, nitrogen compounds are 
less reactive. The lower reactivity of nitrogen compounds is thought to be due to the 
observation of hydrogenation pathway alone in the presence of catalysts. The following 
reaction illustrates the hydrodenitrogenation (HDN) reaction for a pyrrole compound: 
               2.15 
 
During the upgrading of heavy oil and bitumen, nitrogen compounds build up in the 
fraction because of the low reactivity.  Gray et al. (1989) report in their study that nitrogen 
content doubled due to the accumulation of both pyrrolic and basic nitrogen compounds (see 
Table  2.6).  Hydrogenation sites tend to be more acidic, which can lead to be poisoned by 
adsorption of nitrogen compounds because, hence HDS and HDN showed inhibition of 
hydrogenation of aromatic rings (Sundaram et al., 1988).  
Table  2.6.  Nitrogen content of pyrrolic and basic nitrogen compounds before and after 
hydrocraking of Athabasca bitumen (Gray et al., 1989). 
Nitrogen Type (mol/kg) Athabasca Bitumen Hydrocracker (427°C) 
Pyrrolic N 0.12 0.22 
Basic N 0.09 0.16 
 
 
 
Chapter 2: Literature Review 
41 
 
2.4.2.3 Demetallisation reactions 
Metals such as nickel and vanadium (Ni and V) are present in heavy oil and bitumen 
as organometallic complexes and poryphyrin types.  The poryphyin types are studied and 
chemically defined in the literature which is used to explain upgrading of heavy oil in term of 
metal removal, also, metal removal of non-porphyrin types are thought to display similar 
trends. Metal removal can be performed during thermal reactions due to the cleavage of C-
heteroatom bonds as well as via catalytic upgrading pathway.  However, the metal removal 
completed by a catalytic reaction is called hydrodemetallization (HDM).  The mechanism of 
catalytic removal of vanadium and probable sequence of steps was presented by (Asaoka et 
al., 1987).  They reported that porphyrin hydrogenated to form chlorine structures, which 
loses the vanadium to the catalyst’s surface and eventually, pyrrole groups appears in the 
upgraded oil.  Also, they found that as catalytic removal reaction of vanadium carries on, 
vanadium gradually accumulates as a bulk of vanadium sulphide and forms rod-shaped 
deposits with the composition of V3S4 on the surface of catalysts.  
2.5 Coke formation 
The thermal and catalytic cracking of heavy molecules during heavy oil upgrading 
results in the deposition of carbonaceous solid and an undesired product known as coke 
(Carrillo and Corredor, 2013).  Coke is an undesired product because it impedes the 
performance of the catalyst and eventually leads to deactivate the catalysts.  Coke can be 
classified into three main types, namely: shot-type coke, sponge-type coke and associate-
shot-type coke (Siskin et al., 2006; Kelemen et al., 2007).  The chemical compositions of 
feedstock as well as natural reaction conditions greatly influence the type of coke formed 
(Elliott, 2000).  Picón-Hernández et al. (2008) reported that sponge-type coke is formed from 
feedstock which has moderate asphaltene and metal content (Picón-Hernández et al., 2008). 
Shot-type coke texture is characterised by a smooth and concave surface, and is very hard and 
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more difficult to burn.  Shot-type coke is low in economic value and consists of individual 
particles that are spherical to slightly ellipsoidal, with average diameters of about 1-4 mm 
(Siskin et al., 2006). The sponge-type coke texture is characterised by a highly porous 
microstructure with a wide variety of pore sizes.  Sponge-type coke is named for its sponge-
like appearance, with different sized pores and bubbles in the coke matrix.  The coke which 
has morphology between shot-type coke and sponge-type coke is classified as an associate-
shot-type coke.  Also, it has sponge-like physical appearance with evidence of small, shot 
spheres which just starting to form as discrete particles.  Compared to shot-type coke, 
sponge-type coke has a higher economic value with a high potential to be used as fuel (Ellis 
et al., 1998). The coke can be formed chemically during thermal and catalytic upgrading 
through three main routes, namely: (1) propagation reaction of free radicals; (2) addition 
between low molecular radicals and activated asphaltene precursor; and (3) asphaltene 
combinations of asphaltene propagation (Towfighi et al., 2002). 
2.6 Inhibiting coke formation 
In the presence of active catalysts, quenching free radicals by activated hydrogen can 
help in suppressing coke formation from routes (1) and (2).  Moreover, addition of an 
aromatic solvent (such as tetralin) can help dilute the coke precursor which can lead to 
relaxing the aggregated structure and inhibit coke formation from route (3) (Towfighi et al., 
2002; Watanabe et al., 2010). The following sections will provide details on inhibiting coke 
formation from different chemical routes. 
2.6.1 Inhibiting coke formation by dispersed catalyst  
Impregnation of metal sulphide as very small crystallites on a high surface area 
support such as ɤ- alumina (ɤ-Al2O3) is a conventional way to improve the level of heavy oil 
upgrading in terms of suppressing coke formation.  Furthermore, it is well known that the 
combination of Ni and Mo or Co and Mo supported on ɤ-Al2O3 increases the activity of 
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catalysts for hydrogenation of heavy oil during catalytic upgrading (Prins et al., 1989; Ho, 
1988).  However, the gradual deactivation of catalysts during heavy oil upgrading due to the 
deposit of coke and metal in the porous media (ɤ-Al2O3) has been considered as the main 
drawback.  
Unsupported dispersed catalysts (or "additive" in some references or texts) are 
classified into two main groups, namely heterogeneous (fine, solid powder) and 
homogeneous (water and oil soluble) dispersed catalysts, where the transition metals (Mo, Fe, 
Ni, Co or Cr) are the essential constituents in both groups (Sahu et al., 2015; Zhang et al., 
2007).  The most common form of heterogeneous unsupported dispersed catalyst which can 
be used for upgrading heavy oil are inorganic metal compounds, such as metal oxides, FeSO4 
and metal alloys (Angeles et al., 2014; Del Bianco et al., 1993).  Additionally, the following 
are examples of common homogenous oil-soluble unsupported dispersed catalysts for heavy 
oil upgrading: metal salts of organic acids such as naphthenates, multi-carbonyl and resonates 
(Liu et al., 2010; Ren et al., 2004; Lee et al., 1996; Del Bianco et al., 1993). Also, 
phosphomolybdic acid and ammonium molybdate are common examples for water-soluble 
unsupported dispersed catalysts (Angeles et al., 2014; Ortiz-Moreno et al., 2012; Lee et al., 
1996). 
Unsupported dispersed catalysts can be an alternative option which can eliminate 
susceptibility of catalyst deactivation.  The high catalyst dispersion can be related to the high 
surface area of the reaction, which increases the accessibility of active sites for reaction, 
minimizing diffusion control during heavy oil reaction (Angeles et al., 2014; Panariti et al., 
2000a).  Unsupported dispersed catalysts are not bifunctional in nature as they do not 
promote cracking of C-C and C-heteroatom bonds by the acidic sites present on zeolites and 
alumina (Wu et al., 2010; Hongfu et al., 2002; Gray, 1994).  However they are mainly 
responsible for activation of H2 and interfere with free radicals which are produced from a 
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condensation reaction between aromatic clusters (Rezaei et al., 2012; Breysse et al., 2002). 
Eventually, that can lead to inhibition of coke formation and produce more valuable products 
(coke formation from routes (1) and (2), see section 1.5).  It has been reported in the literature 
that the utilization of dispersed catalysts showed high activity in terms of coke reduction 
during heavy oil upgrading, even at severe reaction temperatures.  However, at severe 
reaction temperatures, a few problems have been observed with particle agglomeration during 
heavy oil upgrading using unsupported dispersed catalysts (Angeles et al., 2014). 
Additionally, the properties and types of unsupported dispersed catalysts, as well as reaction 
conditions, are key factors for improving the level of heavy oil upgrading and inhibiting coke 
formation (Panariti et al., 2000b). 
Extensive studies have been conducted to investigate the efficiency of unsupported 
dispersed catalysts’ activity in terms of product distribution, physical properties and product 
quality during heavy oil upgrading.  Using ultrafine particles and a pelleted Co-Mo/Al2O3 
catalyst at a reaction temperature of 425oC, the API gravity and viscosity of the produced oil 
was found to improve by respectively 9o and 96 % viscosity reduction with ultrafine particles 
compared to 5o and 79 % viscosity reduction achieved with pelleted fixed-bed catalyst (Hart 
et al., 2015).  Similarly, Galarraga and Pereira-Almao (2010) investigated an ultradispersed 
trimetallic (Ni–W–Mo) submicronic catalyst for in situ upgrading at 380oC in a batch reactor, 
with a stirrer speed of 500 rpm and a reaction time of 3–70 h.  The API gravity increased by 
6.5o API and a viscosity reduction of 98% was observed relative to Athabasca bitumen (API 
gravity 9.5 and viscosity 7680 mPa s) (Galarraga and Pereira-Almao, 2010).  Also, as the size 
of the particles decreases to nano-scale, its specific surface area increases while the diffusion 
path length decreases; this improves interaction with macromolecules and cracking reaction 
(Del Bianco et al., 1993).  
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Compared to HDT catalysts such as Ni-Mo/Al2O3 and Co-Mo/Al2O3, Nano Particles  
(NPs) of iron oxide (Fe2O3) are potentially cost effective, as hematite (α-Fe2O3) is one of the 
most abundant iron oxide minerals and is also nontoxic (Khalil et al., 2015).  Additionally, 
nanoparticles of iron oxide do not require rigorous and special methods of preparation.  Iron 
NPs can readily be separated using magnetic separation. Adding silica (SiO2) and maghemite 
(γ-Fe2O3) NPs to in situ combustion substantially increases the fuel distillates produced and 
decreases the activation energies of the thermocatalytic conversion of heavy oil (Rezaei et al., 
2013).  Ovalles et al. (2003) showed that iron-dispersed catalyst upgrade Hamaca extra-heavy 
oil from 500 to 1.3 Pa.s viscosities, 14% sulphur content reduction, and 41% conversion of > 
500oC fraction relative to the original oil at 420oC, 11 MPa, and a residence time of 1 h using 
a stirred batch reactor (Ovalles et al., 2003).  
Panariti et al. (2000a) investigated the role of organic groups for homogenous 
unsupported catalysts and whether the presence of particular elements, such as phosphorous 
or sulphur, have a large effect on the upgrading process.  They conclude that the upgrading 
process is independent of the presence of organic groups.  However, the transient elements 
play an important role in the performance of catalysts where the molybdenum base catalyst 
shows a high performance in the heavy oil upgrading process (Panariti et al., 2000a). 
Furthermore, the operation conditions (reaction temperature, hydrogen pressure, reaction time 
and catalyst loading) and their effect on the upgrading of bitumen and heavy oil has been 
studied, and several observations can be noticed from the literature as follows (Shuyi et al., 
2008; Panariti et al., 2000b; Panariti et al., 2000a; Fixari et al., 1994; Del Bianco et al., 1994): 
(1) The conversion of heavy hydrocarbons to distillates is thermally controlled (2) coke 
formation is decreased by introducing a dispersed catalyst; and (3) hydrodemetallization is a 
function of hydrogen partial pressure and catalysts presence, where it shows a high HDM % 
using Mo with a high hydrogen partial pressure. 
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2.6.2 Inhibiting coke formation by different hydrogen sources and aromatic solvents 
Incorporating commercial supported catalysts and an alternative hydrogen source with 
in situ upgrading could be desirable in the search to find a cheaper substitute for expensive 
hydrogen gas (H2).  Natural gas (methane, CH4) is one of main sources of H2 and the direct 
use of CH4 instead of H2 during heavy oil upgrading can further minimize the cost of the 
intermediate step of H2 production from CH4 (Egiebor and Gray, 1990).  Also, water can be 
used as an alternative source of hydrogen during heavy oil upgrading in situ (Watanabe et al., 
2010; Dutta et al., 2000).  In addition, the free-radical reaction mechanism can lead to 
incorporating CH4 and H2O (in the absence of catalysts) into hydrocarbon molecules via 
production of methyl (CH3) and hydroxyl (OH) groups by free radicals (R͘·) (Ovalles et al., 
1995; Dutta et al., 2000), and that can reduce coke formation products (coke formation from 
routes (1) and (2), see section 1.5) during thermal upgrading under CH4 and H2O.  Moreover, 
the sulphidation reaction between the dispersed catalysts and the sulphur contained in the 
heavy oil can lead to the generation of active metal sulphide (Liu et al., 2009; Ovalles et al., 
2003). This active phase also could be fulfil the function of activation of CH4 (Ovalles et al., 
2003; Egiebor and Gray, 1990), and that can participate in a further reduction in coke yield, 
as well as an increase in produced liquid after heavy oil upgrading. The reaction stages for 
upgrading under CH4 are as follows (Ovalles et al., 1995): 
Initiation: 
 − ʹ →	 ͘ + ʹ	͘                 2.16 
Propagation: 
 ͘ + ! →  + !͘                   2.17 
!͘ +  − ʹ → ʹ!"!# +  ͘"ʹ	͘#                 2.18 
Termination: 
 ͘ + !͘ → !                    2.19 
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!͘ + !͘ → !!                   2.20 
 ͘ + ʹ	͘ →  − ʹ                    2.21 
where 		ʹ are hydrocarbons. 
Much research has explored the upgrading of heavy oil in the presence of CH4, steam, H2 
and solvents such as tetralin.  Ovalles et al. (2015) reported that extra heavy oil upgrading 
using tetralin as a hydrogen donor under steam injection conditions at 280-315°C, 1600 psi 
and silica-supported nano-iron oxide (Fe2O3), led to an 8° API increase for produced oil and 
26% in sulphur reduction.  Hart et al. (2014b) investigated the effect of steam on the 
CAtalytic upgrading Process In situ (CAPRI) process in the presence of commercial Co-
Mo/AlO3 at 425°C, and 20 bar of N2. It was found that the coke yield was significantly 
reduced relative to upgrading in a free steam atmosphere.  Egiebor and Gray (1990) studied 
pyrolysis and liquefaction of Highvale (Alberta subbituminous) coal under methane and 
tetralin in the presence and absence of Fe2O3 as a catalyst at 450°C reaction temperature and 
19-24 MPa. It was reported that both non-catalysts and catalysed coal liquefaction under CH4 
showed a higher coal conversion compared to analogue reaction conducted under inert gas 
(Argon) (Egiebor and Gray, 1990). 
It has been reported that coke formation can be promoted during thermal and catalytic 
upgrading of heavy oil by large molecules such as asphaltene (Rahmani et al., 2002).  Wiehe 
(1993) suggested the phase separation reaction kinetic model (PSK) to explain coke 
formation during thermal and catalytic upgrading of heavy oil (coke formation from route (3), 
see section 1.5) (Wiehe, 1993).  The stages of coke formation shown by the Wiehe (1993) 
model are as follows: 
$% &$∗ + "1 − #"∗ + )#                 2.22 
% * +$∗ +	"1 − +#"∗ + )#                 2.23 
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Equations 2.22 and 2.23 show that both reactive maltenes (M+) and reactive asphaltene 
(A+) produce non-reactive maltenes (M*) as well as an asphaltene core (A*) where kA and kB 
are rate constants and "a" and "b" are stoichiometric constants.  The oil mixture (M+, M* and 
volatile) has the ability to dissolve a portion of produced A*.  However, if A* exceeds the 
solubility limit, the excess amount of asphaltene core could be precipitated ($,-∗ # as follows: 
$,-∗ = $∗ −	$./-∗ =	$∗ −	12"% +∗ + 	)#               2.24 
 
where $./-∗  is the maximum amount of soluble A* in the oil mixture and SL is the 
solubility coefficient, eventually the $./-∗  is transfer to coke (C) is as follows:  
$,-∗ 	 3 !                     2.25 
 
The coke formation during thermal and catalytic heavy oil upgrading can be reduced by 
slowing down the rate of reaction of equations 2.22, 2.23 and 2.25 by utilizing solvents.  The 
solvents fulfil the following functions: (1) increase solubility limits, SL; and (2) improve 
hydrogen transfer reaction and therefore inhibit coke formation (Savage et al., 1988; Rahmani 
et al., 2003; Rahmani et al., 2002; Wiehe, 1993).  Rahmani et al (2002) tested the effect of 
liquid solvents such as tetralin upon thermal upgrading of heavy oil at a reaction temperature 
of 430°C in the batch mode. They found that the coke formation was reduced in consistency 
with the PSK model (Rahmani et al., 2002).  
2.7 Surface upgrading technology of heavy oil and bitumen using dispersed 
catalysts 
It has been reported that non-conventional oil (heavy oil and bitumen) is available in 
large quantities which can compensate for the shortage in fulfilling the world’s energy 
demands.  However, the chemical and physical nature of heavy oil imposes many hurdles 
during the upgrading and treatment processes (Sahu et al., 2015; Bellussi et al., 2013).  In the 
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last few decades, several industrial and academic research centres have studied and 
developed different surface technologies to convert heavy oil to high-quality desired products 
which meet market requirements (economical and environmental). Among the different 
heavy oil upgrading technologies, hydroconversion in a slurry reactor is considered as the 
prominent technology to treat and upgrade heavy oil (Sahu et al., 2015).  Hydroconversion of 
heavy oil in a slurry reactor rely on using once-through variant types of homogenous and/or 
heterogeneous dispersed catalysts.  Additionally, hydroconversion in a slurry reactor can 
operate in the presence of inexpensive catalysts, such as iron-based catalysts, or low 
concentrations of very active metals such as molybdenum, which minimize costs (Hashemi et 
al., 2014; Angeles et al., 2014; Khalil et al., 2015). 
VEBA-combi-cracking (VCC) was developed in Germany for coal liquefaction.  A 
combination of fine coke powder from Bovey coal and red mud (iron-containing material) is 
used as a catalyst. It has been reported that the coal conversion was in the range of 90-94%, 
and the total produced product was 4,000 barrels/day.  However, a high operating pressure 
(15-27 MPa) as well as large amount of catalysts (5 wt %) have been identified as major 
drawbacks of this process (Sahu et al., 2015; Ancheyta, 2013; Doehler et al., 1987).  
The ExxonMobil group has developed the M-coke process for unconventional oil 
upgrading. They found that the M-coke process achieved 90% conversion at a reaction 
temperature of 440°C and a pressure of 17 MPa in the presence of phosphor-molybdenum 
acid and molybdenum naphthenate as dispersed catalysts.  The ExxonMobil group has 
noticed that utilizing dispersed catalysts in the M-coke process showed a high activity as well 
as a high production rate (1 drum/day in lab scale); however, the high cost of catalysts 
prevent the use of this process (Schuetze and Hofmann, 1984; Bearden Jr and Aldridge, 1980; 
Bearden Jr and Aldridge, 1979).  The ExxonMobil group also developed the MICROCAT-
RC process for heavy residues.  In this process, oil-soluble manganese and molybdenum were 
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used as homogenous dispersed catalysts (the particle size was less than 1 µm).  They 
observed that coke formation was inhibited; however, catalyst recovery has been reported as 
an issue in the MICROCAT-RC process (Castañeda et al., 2012; Bearden, 1997). 
Commercial scale application of hydroconversion of heavy oil in a slurry reactor in 
started with Eni Slurry Technology (EST) which was developed by R&D laboratories at Eni 
in the early 1990s (Bellussi et al., 2013).  An organic oil-soluble molybdenum compound was 
used as a catalyst, and the upgrading reaction was performed at 400-450°C and a pressure of 
150 bar of hydrogen (Bellussi et al., 2013; Montanari et al., 2003).  It was reported that under 
the EST operating conditions, highly dispersed MoS2 formed in situ, and that they also found 
that the shape and the size of the formed catalysts remained constant with a long reaction 
time (Sahu et al., 2015; Bellussi et al., 2013).  However, it was reported that the catalyst’s 
activity was impeded by the formed coke precipitated asphaltene and metals deposited. 
Separations of asphaltene as well as metal were recommended ahead of the hydrocracking 
reaction to mitigate this challenge (Sanfilippo, 2009; Marchionna et al., 2002). EST 
technology has been used to upgrade various types of heavy oil across the world.  In 2005, 
Eni designed a reactor with a capacity of 1,200 Barrel Per Stream Day (BPSD) for upgrading 
Venezuela Zuata and Athabasc bitumen, and by 2012, the reactor capacity reached 23,000 
BPSD.  Additionally, in Italy, since the EST process started in 2005, around 23,000 bbl of 
feedstock has been successfully upgraded in the commercial demonstrating plant (Sahu et al., 
2015; Bellussi et al., 2013). 
The extensive research of CANada Centre of Mineral and Energy Technology 
resulted in the CANMET process. The CANMET process shows high activity in terms of 
feed conversion, as well as demetallization during heavy oil upgrading. The CANMET 
process operates at 440-460˚C reaction temperature and a pressure of 100-150 bar of 
hydrogen (Bellussi et al., 2013).  Additionally, the upgrading of heavy oil was conducted by 
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the CANMET process in the presence of iron sulphate as an additive (1-5 wt% of FeSO4) 
(Rana et al., 2007).  Moreover, the CANMET process has been used at a commercial level, 
where 5,000 barrels were treated daily.  However a few hurdles have been reported with 
separating the product from unconverted bottom oil, as well as the lack of desulphurization 
and denitrogenation reactions (Sahu et al., 2015; Khulbe et al., 1981).  In 2006, Universal Oil 
Product (UOP) developed and modified the operating conditions of the CANMET process, 
and they eventually created a new version of CANMET called the UOP uniflex process. 
Using UOP uniflex processes, the upgrading reaction of heavy oil takes place in an up-flow 
reactor in the presence of new nano-scale catalysts (V2O5) which boost conversion of heavy 
oil to above 90% (Sahu et al., 2015; Rana et al., 2007). 
2.8 Down hole catalytic upgrading 
The difficulties and problems recorded during the dealing with bitumen and heavy oil 
do not stop after their production.  The problems extend during the transportation and surface 
upgrading process (Shah et al., 2014; Rad et al., 2014; Lee et al., 2011; Weissman et al., 
1996). Those challenges open many windows for researchers to investigate how to mitigate 
those obstacles.  Appling down-hole catalytic upgrading could be a potential approach to 
facilitate transportation and upgrading of bitumen and heavy oil.  In situ catalytic upgrading 
involves the use of the reservoir as a reactor, which offers cost, energy and environmental 
benefits as it utilizes heat energy from in situ combustion to drive the catalysis; most of the 
impurities, such as sulphur, vanadium, iron and nickel, are left behind in the reservoir, thus 
lowering the environmental footprint and impact on downstream refining processes, and 
reduce the cost of diluents to improve pipeline transport (Hart et al., 2014; Hoshyargar and 
Ashrafizadeh, 2013; Hashemi et al., 2013).  
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2.8.1 CAPRI add on THAI process  
Catalytic upgrading process in situ (CAPRI) added on to the THAI method was 
studied extensively for more than fifteen years after the first work of Greaves et al. (Xia and 
Greaves, 2002; Hart et al., 2014; Greaves et al., 2012; Xia and Greaves, 2006; Xia et al., 
2003; Greaves et al., 2000a). The THAI method is classified as an advanced thermal 
technology to enhance the recovery of heavy oil, where compressed air is injected to initiate 
the combustion and thermal cracking occurring at the mobile oil zone ahead of the 
combustion front.  Further details about the THAI process have been reported in section 
1.3.2.3.5. The CAPRI add on to the THAI process delivers two works together:  first, it 
enhances unconventional oil recovery; second, it upgrades heavy oil using an in situ thermal 
source and catalytic bed. The THAI/CAPRI process is a modified version of the THAI 
process which equips it with a catalytic bed fitted in the perforation of the horizontal well.  In 
order to simulate and create the CAPRI process conditions, the THAI process takes place to 
provide a reaction temperature between 400 and 600oC at a reservoir pressure of 30 to 50 bar 
due to the combustion reaction (Thomas 2008).  The thermal cracking reaction then takes 
place due to the high temperature in the mobile oil zone, which creates precursor conditions 
for catalytic upgrading.  Finally, the bitumen and heavy oil are further upgraded through a 
hydroconversion reaction which takes place in the CAPRI section.  Furthermore, during the 
THAI process, a water gas shift reaction and/or gasification reaction takes place, and as a 
result of this reaction, hydrogen gas is formed.  In the presence of hydrogen, the CAPRI 
process can also be used as an in situ hydro-treating process to upgrade heavy oil and 
bitumen (Shah et al., 2010). 
The CAPRI process has been tested experimentally by Greaves and Xia (2001), and 
the obtained results demonstrated the potential of THAI/CAPRI during upgrading of Wolf 
Lake heavy oil.  It was observed that the THAI process alone increased the API gravity by 
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10° points, as well as a further increase in the range of 4-7° points by the addition of CAPRI. 
Additionally, Xia and Greaves (2002) simulated the THAI/CAPRI process at the laboratory 
scale using a series of 3-D combustion cell experiments at reaction temperatures between 500 
and 550°C using a Co-Mo/alumina HDS catalyst.  They reported that the oil recovery factor 
was 79% OOIP and API gravity increased to 23° relative to 11.9° for the feed oil 
(Lloydminster heavy crude oil), with a low viscosity of 20-30 mPas. These results 
demonstrate that the THAI/CAPRI process has the potential to enhance oil recovery, as well 
as upgrade heavy oil to almost light crude oil in a single step without resorting to an 
expensive surface upgrading process (Xia and Greaves, 2002).  Moreover, Petrobank Energy 
and Resources Ltd implemented the THAI/CAPRI process in a well (P-3B) located at 
Whitesands near Conklin, Alberta, Canada. Additional upgrading has been noticed by 
analysing the oil produced from the P-3B well which can be attributed to the ability of the 
CAPRI section. This observation was in agreement with the laboratory-scale experiments 
conducted by (Xia and Greaves, 2002; Greaves and Xia, 2001). Petrobank Energy and 
Resources Ltd has operated the P-3B well in continuous production, with an oil production 
level of up to 400 barrels per day on a low air injection rate and limited sand produced from 
the sandstone reservoir encountered at Whitesands. 
As a part of a large project delivered by the University of Birmingham for in situ 
upgrade of bitumen and heavy oil, the CAPRI process with supported catalysts was tested at 
laboratory scale to investigate the bitumen and heavy oil upgrade. Shah et al (2011) 
investigated the following factors in order to mitigate the catalyst deactivation hurdle: testing 
different types of commercial catalysts at a reaction temperature of 400 °C and a pressure of 
20 bar of N2 he found that the deactivation time of CoMo/Al2O3 was 95 hours, which was the 
longest period of catalyst deactivation.  Also, in the same study, they found that the catalyst 
pre-treatment with hydrogen step showed a slight improvement in physical properties (API 
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and viscosity) of produced oil.  Furthermore, the effect of a short run time was performed in 
the same study and Shah noticed that coke was formed and deposited on the catalysts, even 
with a short reaction time (2-4 hours) (Shah et al., 2011).  
Hart et al. (2013) studied optimization of the CAPRI process using a micro-scale flow 
reactor with a range of commercial supported catalysts (e.g. Co-Mo/Al2O3), a temperature 
range of 350−425°C, a pressure of 20 bar (H2, N2) and a residence time of 9.2 min. They 
found that the CAPRI process reduced oil viscosity up to 82% relative to feed oil, as well as 
the upgrading of heavy oil in terms of API gravity in the range of 2°-7° points above feed oil 
(Hart et al., 2013).  However, they observed that the CAPRI process was a good example of 
catalyst deactivation by coke formation due to thermal cracking of bitumen and heavy oil. 
Hart et al (2013) modified the CAPRI flow reactor by introducing a guard bed (activated 
carbon) ahead of the catalytic bed.  Hart et al (2013) found that the amount of coke deposited 
on the catalysts after reaction was reduced to 40 wt% in comparison to 57 wt% in the absence 
of a guard bed, which can help extend catalyst life. Macromolecules such as asphaltenes 
could be absorbed by the guard bed and that can contribute to the reduction of coke 
deposition where asphaltenes are known to promote coke formation during thermal and 
catalytic upgrading (Hart et al., 2013).  
Introducing unsupported dispersed catalysts during THAI processes could be an 
alternative option which can eliminate the susceptibility of catalyst deactivation.  The nano-
particles experience shorter inter-particle distances that increase the probability of active 
phase interaction with the hydrocarbon molecules.  Ultra-dispersed NPs could be deployed in 
a once-through process, hence could avoid the hurdles of pre-packing the horizontal 
production well with pelleted HDT catalyst.  However, this will require the precipitation or 
transport of the NPs into the mobile oil zone ahead of the combustion front during the THAI 
process. Also, high dispersion could be achieved by introducing homogenous unsupported 
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catalysts (oil soluble or water soluble) during THAI processes.  However, using homogenous 
dispersed catalysts have a few challenges with the active form of catalyst generates in situ 
which later form fine solid particles or slurry phase due to the thermal decomposition (Del 
Bianco, Panariti, Di Carlo, Elmouchnino, Fixari and Le Perchec 1993; Panariti, Del Bianco, 
Del Piero and Marchionna 2000a). Furthermore, THAI processes could be further modified 
by considering substituting expensive hydrogen (H2) by a low cost hydrogen source such as 
CH4, where the intermediate step of H2 production from CH4 could be eliminated. Also, 
solvent injection during THAI processes could be quite a promising approach to suppress 
coke formation and eventually avoid blockage in the production well.  
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3 Chapter 3 
Experimental, Materials and Methods 
3.1  Introduction 
In this chapter, an overview of feedstock properties, materials used and the properties of 
different types of unsupported dispersed catalysts are provided.  Additionally, details of 
experimental protocols and instruments employed to perform upgrading of heavy oil, as well 
as minimising coke formation, are described in detail in Chapter 3.  Moreover, analytical 
methods used to determine the level of heavy oil upgrading and the efficiency of the nano-
dispersed catalysts are explained in detail through this chapter.  Furthermore, the chapter 
covers design of experiments using the Taguchi method as a systematic approach to identify 
the most significant reaction parameters and determine the optimum reaction conditions in 
order to increase the level of heavy oil upgrading and inhibit coke formation.  
3.2 Materials 
3.2.1 Feedstock and its properties 
Heavy crude samples were collected from Whitesands THAI pilot trial at Christina 
Lake, Alberta, Canada by Petrobank Energy and Resources Ltd.  The samples were supplied 
to the reaction laboratory at the University of Birmingham, where numerous experiments and 
analyses were conducted to complete the research goals.  The supplied crude samples were 
primary upgraded during the thermal recovery stage of the THAI process.  The heavy feed is 
a mixture of partially upgraded crude produced by the THAI process from eight different 
wells.  Following the validation, the samples were transferred from the Petrobank Energy and 
Resources Ltd barrel to the reaction laboratory-owned preserved barrel and zero-grade 
nitrogen gas was used to fill the rest of the barrel to avoid sample oxidation during storage.  
The chemical and physical properties of the crude samples were measured and are detailed in 
Table  3.1.  
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Table  3.1.  Properties of THAI feedstock Crude.  
Properties Results Units 
Density @ 25 °C  0.9776 (g/cm3) 
API° gravity @ 15 °C 13.4  
Dynamic viscosity @ 20 °C  1482 (cP) 
Asphaltene Content  14 (wt %) 
Elemental analysis  
C  84.72 (wt %) 
H  10.77 (wt %) 
N  0.08 (wt %) 
S  3.09 (wt %) 
Ni  30 (ppm) 
V  102 (ppm) 
(Ni + V)  132 (ppm) 
Simulate distillation  
Naphtha Fraction (Initial boiling point-177 °C) 0.68 (wt %) 
Distillate Fraction(177 °C–343 °C) 28.18 (wt %) 
Heavy Fraction (343 °C+) 71.60 (wt %) 
 
3.2.2 Gases, solvents and dispersed catalysts 
Table  3.2 shows the commercial gases, solvents and unsupported dispersed catalysts 
that were used during this study as received without further purification. 
Table  3.2.  Commercial gases, solvents and unsupported dispersed catalysts. 
Item Technical specification Supplier 
Nitrogen  
 
Grade: Zero N4.8 (99.998%) Cylinder size: L (50L water 
capacity) Pressure (bar): 200  
BOC 
Hydrogen  Grade: Chemically pure zero grade N5.0 (99.999%)  
Cylinder size: L (50 L water capacity)  
Pressure (bar): 200  
BOC 
Methane  Grade: Zero N4.8 (99.998%) Cylinder size: L (50L water 
capacity) Pressure (bar): 200 
BOC 
1,2,3,4-
Tetrahydronaphthalene 
(Tetralin) 
Purity (GC) ≥ 98.5 % Sigma Aldrich 
Distilled water Purity 100   
Iron(III) oxide Nanopowder, <50 nm Particle size Powder, <5 µm, ≥99% Sigma Aldrich 
Nickel(II) oxide Nanopowder, <50 nm particle size , 99.8% trace metals basis Sigma Aldrich 
Molybdenum(VI) oxide Nanopowder, 100 nm ,99.5% trace metals basis Sigma Aldrich 
Molybdenum(IV) sulfide powder, <2 µm, 99% Sigma Aldrich 
Iron(II) sulfide −100 mesh, 99.9% trace metals basis Sigma Aldrich 
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3.3 Experimental setup and procedures 
3.3.1 Experimental setup  
During this study, a 100-mL batch reactor was employed (Baskerville Reactors & 
Autoclaves Ltd, United Kingdom) to evaluate the effect of the following factors on heavy oil 
upgrading in term of product distribution, physical properties, product quality and quality and 
type of formed coke. 
• Reaction factors and their levels, Table 3.4 provides the factors and their varied level  
• Various kinds of unsupported dispersed catalysts containing transition metals  oxide 
and transition metal sulphide, details about the catalysts type are tabulated in Table 
 3.2; and 
• Other type hydrogen sources such as water and methane as well as tetralin as solvent. 
Figure  3.1 and Figure  3.2 show respectively a schematic diagram and a picture of the batch 
reactor parts respectively.  As shown in Figure  3.1, the 100-mL batch reactor is equipped 
with a high-efficiency inline agitator, a temperature thermocouple, a digital pressure gauge, 
two high-pressure bellows-sealed valves and a relief valve.  In addition, the 100-mL batch 
reactor is attached to a high-powered heating mantle that supplies heat to perform the reaction 
at temperature up to 550 °C.  A control cabinet connected to the batch reactor was employed 
to control both the speed of mixing and the heating rates during the reaction.  Furthermore, a 
specific 60-mL stainless steel sleeve with baffles was designed to fit inside the reactor to 
allow the formed coke to be easily collected for weighing and thus to perform mass balance .  
The baffles also served to improve mixing by diverting the flow towards the agitator.  Details 
of the batch reactor parts and functions are provided in Table  3.3. 
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Table  3.3.  Batch reactor parts details. 
Part Name Supplier  Function Operating Range 
Furnace Baskerville 
reactors & 
autoclaves ltd 
Heating  Temperature up to 550 °C 
Inline agitator 
with  
propeller impeller 
Parvalux  To ensure thorough and continuous 
dispersion and mixing 
Mixing speed 100–1000 
RPM  
Temperature 
thermocouple 
K type 
RS Components Measure actual temperature during 
the heating stage as well as during 
the reaction period 
Temperature from 0 °C to 
1000 °C 
Stainless steel sleeve  
with baffles in the wall 
University of 
Birmingham 
workshop 
To  allow the coke to be collected to 
perform mass balance and improve 
mixing 
Service up to 60 mL as 
well as hold back or turn 
aside the flow  
Digital pressure gauge Keller  Measure actual pressure inside the 
batch reactor during the heating 
stage as well as during the reaction 
period 
Measure pressure from 0 
bar to 300 bar 
High-pressure bellows-
sealed inlet valve 
Swagelok Feed the gas to the reactor Service up to 340 bar 
High-pressure bellows-
sealed outlet valve 
Swagelok Purge and collect the product gas 
from the reactor  
Service up to 340 bar 
Relief valve Swagelok Open gradually when the pressure 
increases beyond the operation limit 
Open when system 
pressure reaches 120 bar 
Control Cabinet 
Proportional-integral-
derivative temperature 
controller  
PID controllermodel 
2216e 
Eurotherm Control the heating rate during the 
heating stage as well as during the 
reaction period to maintain the 
temperature at the desired value 
Adjust input and output 
power to hold the 
temperature at the 
required value  
Agitator controller 
model  
2216e 
Eurotherm Control the heating rate during the 
heating stage as well as during the 
reaction period to maintain the 
temperature at the desired value 
Adjust input and output 
power to hold the speed 
of mixing at the required 
value 
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Figure  3.1.  Schematic diagram of the batch reactor (Baskerville Reactors & Autoclaves Ltd, 
United Kingdom). 
 
 
Figure  3.2.  Batch reactor parts (a) 100 ml batch reactor (b) cabin controller (c) furnace. 
  
3.4 Experimental procedures 
The heavy oil upgrading experiments were carried out on THAI feedstock as reference 
oil (see Table  3.1) using a 100-mL batch reactor with the following procedures.  Typically, 
30 g of THAI feedstock and known amount of tetralin (free tetralin atmosphere in the case of 
studying effect of different hydrogen sources and selectivity and activity of unsupported 
(a) (c) (b) 
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catalysts) was placed in a 60-mL stainless steel sleeve.  The mass of the empty sleeve, THAI 
feedstock and tetralin were recorded in order to perform mass balance.  The unsupported 
dispersed catalysts for catalytic upgrading were transition metal oxides and transition metal 
sulphide (see Table  3.2).  Initially, a known amount of dispersed catalysts (no catalyst was 
used in the case of thermal upgrading) was placed into 30 g of THAI feedstock in a 60-mL 
stainless steel sleeve.  The sleeve was then fitted inside the batch reactor, and the top and the 
bottom of the batch reactor were coupled using 10 stainless steel bolts.  In a typical 
experiment, the batch reactor was pressurised to around 30 bar with the feed gas (e.g. 
nitrogen) and purged.  The previous step was repeated three to four times to evacuate air from 
the batch reactor.  The reactor then was pressurised with feed gas to the required value. 
Agitation was performed at the required speed using the agitator.  In order to ensure that the 
unsupported dispersed catalysts were activated during the catalytic upgrading due to the high 
sulphur content of the THAI feedstock, a reaction was carried out at a milder temperature for 
certain time than the reaction temperature and time themselves, the batch reactor was then 
heated to the required temperature by the furnace to ensure activation of unsupported 
dispersed catalysts (Bhattacharyya and Mezza, 2012; Liu et al., 2009; Ren et al., 2004; 
Ovalles et al., 2003).  The proportional-integral-derivative controller (PID controller) was 
programmed to adjust the input and output power of the furnace to quickly obtain the desired 
temperature.  Once the reactor temperature reaches the required value, the reaction time is 
started. After the reaction is complete, the reactor is cooled down quickly to around room 
temperature using high-efficiency fans.  During the reaction, the heavy fraction converts into 
light oil, light ends and coke fractions.  The gas was collected using a gas bag while, the 
upgraded oil was left for 2 hr to facilitate the precipitation of the coke fraction and dispersed 
catalysts. Additionally, the upgraded oil was vacuum filtered using Whatman filter paper grade 6 
with 6 µm pore size and 4.5 cm diameter to separate out any suspended coke fraction.  The filter 
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paper was washed with tetrahydrofuran until colourless tetrahydrofuran was observed, and 
vacuum filtration was carried out to circulate air through the filter paper to completely dry the 
filter paper.  Also, the coke left in the wall and bottom of sleeve was recovered and the dried filter 
paper was measured before and after the filtration in order to determine the total mass of the coke 
fraction.  The mass of gas produced was calculated as the mass remaining after subtracting the 
masses of the light oil, catalysts and coke fraction in the reactor from the mass of THAI 
feedstock that was fed.  The mass balances of the three products, light liquid, gas and coke, 
were calculated and reported as a percentage of the mass of feed oil fed using the following 
equation: 
45678	"9:%# = <5<=668>:?@A	BCDE	@FG86	"H# 	I	JKK					      3.1 
 
where mi is weight of component i. 
 After upgrading reaction under tetralin, the upgraded oil and tetralin were 
homogeneous mixture making it difficult to separate them because of the high boiling point 
of tetralin (207 °C at 1 atm). Hence, separating the tetralin from produced upgraded oil will 
affect the upgraded oil composition since some hydrocarbons can evaporate or escape in the 
process.  Therefore, the physical properties (API° gravity and viscosity) reported here are 
those of the produced mixture (upgraded oil and tetralin).  Summary of upgrading reaction 
experiments and conditions are presented in Table  3.4. 
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Table  3.4.  Summary of upgrading reaction experiments and conditions a. 
Feedstock Gas 
(Slovent) 
Dispersed 
catalysts 
(size) 
Dispersed 
catalysts 
Loading 
(wt%) 
Reaction 
Temperature 
(°C) 
Initial 
Pressure 
(bar) 
Reaction 
Time 
(min) 
Speed of 
mixing 
(rpm) 
THAI H2 Fe2O3 (≤ 50 
nm) 
0.03-0.4 355-425 10-50 20-80 200-900 
THAI  N2 No catalysts  0 425 50 60 900 
THAI  N2 No catalysts  0 425 50 60 900 
THAI H2 Fe2O3 (≤ 5 
µm) 
0.1 425 50 60 900 
THAI H2 Fe2O3 (≤ 50 
nm) 
0.1 425 50 60 900 
THAI H2 FeS (≤ 
140µm) 
0.1 425 50 60 900 
THAI H2 MoO3 (≤ 
100 nm) 
0.1 425 50 60 900 
THAI H2 MoS2 (≤ 2 
µm) 
0.1 425 50 60 900 
THAI H2 NiO (≤ 50 
µm) 
0.1 425 50 60 900 
THAI CH4 No catalysts 0 425 50 60 900 
THAI CH4 Fe2O3 (≤ 50 
nm) 
0.1 425 50 60 900 
THAI N2 (H2O, 
0.11 W/O) 
No catalysts 0 425 50 60 900 
THAI N2 (H2O, 
0.11 W/O)  
Fe2O3 (≤ 50 
nm) 
0.1 425 50 60 900 
THAI N2(tetralin 
0.03 T/O) 
No catalysts 0 425 50 60 900 
THAI N2(tetralin 
0.03 T/O) 
No catalysts 0 425 50 60 900 
THAI N2(tetralin 
0.11 T/O) 
No catalysts 0 425 50 60 900 
THAI N2(tetralin 
0.11 T/O) 
Fe2O3 (≤ 50 
nm) 
0.1 425 50 60 900 
a (W/O) is water to feedstock mass ratio, (T/O) is the tetralin to feedstock mass ratio 
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3.5 Taguchi method  
Kinetic studies are considered as a powerful tool for performing reactor design, 
simulation and process optimisation. In particular, it has been reported in the literature that 
the kinetic study of hydrocracking of heavy oil is difficult due to heavy oil composition 
(owing to the large number of hydrocarbon compounds involved). However a body of 
research has been conducted to facilitate the kinetic study of heavy oil upgrading. It is 
complex since suitable consideration must be given to each compound and all the possible 
reactions during study kinetic of hydrocracking of heavy oil (Ancheyta et al., 2005; Yui and 
Sanford, 1989). Additionally, studying kinetics of hydrocracking of real feeds is also difficult 
because of analytical complexity and computational limitations, whereas the more 
compounds that are involved in the model, the more kinetic parameters that need to be 
estimated and as a consequence extra experimental investigation is needed (Ancheyta et al., 
2005). During this study a simple systematic statistical approach (Taguchi method) was used 
instead of kinetic studies to understand the reaction mechanism as well as optimise reaction 
factors affecting upgrading of heavy oil during the THAI process.  
The overall effectiveness of statistical method such as surface response methodology, 
full factorial and Taguchi method are somewhat similar. However, the Taguchi method is a 
more simple, systematic, low cost and comprehensive approach which attempts to provide a 
useful understanding and optimisation about the complex multi variable system with a limited 
number of experiments. These aspects show the effectiveness of Taguchi method as an 
attractive and alternative choice among the rest of the methods for studying optimisation of 
heavy oil upgrading during the THAI process when cost and simplicity are considered 
(Kowalczyk, 2014; Tansel et al., 2011; Simpson, 1998; Phadke et al., 1983). 
The Taguchi method is a systematic approach to process optimisation. Here, 
optimisation means minimising the process variance while keeping the mean of the response 
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at the required value (Kowalczyk, 2014; Pignatiello Jr, 1993).  The major advantages of 
Taguchi method are orthogonal array and signal-to-noise ratio (S/N).  The orthogonal array is 
an economical way of simultaneously studying the effect of many variables on the mean of 
response (Section 3.5.1).  In the Taguchi method, the signal-to-noise ratio is used to explore 
process variability (for more details see Section 3.5.2).  By optimising a process with respect 
to signal-to-noise ratio, it is ensured that the resulting optimum process conditions are robust 
and stable, meaning that they have minimum process variation (Mukherjee and Ray, 2006).  
Figure  3.3 shows how the Taguchi method procedures are applied.  
Extensive investigation of THAI process over the last decade has been conducted by 
Improved Oil Recovery (IOR) research group at University of Bath. A 3-D combustion cell 
has been used to simulate the THAI process to provide the useful understanding about the 
combustion front temperature sweeping efficiency. It has been reported that the combustion 
front temperature efficiency varied with the time and oil layer thickness. Also, they noticed 
after long simulation of THAI process using 3-D combustion cell (time = 480 min) about 90 
% of sandpack was swept by temperature front higher than 400 °C. During this study the 
range of reaction temperature were selected based on the temperature front at short and long 
times of the THAI process(Hart et al., 2013; Shah et al., 2011; Xia et al., 2002; Greaves and 
Xia, 2000).  Reaction temperature (°C), H2 initial pressure (bar), reaction time (min), iron 
metal loading (wt %) and mixing speed (RPM) were selected as controllable factors.  Table 
 3.5 shows the controllable factors and their levels.  
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Figure  3.3.  Taguchi method procedure (Kowalczyk, 2014). 
 
Table  3.5.  Selected controllable factors and their levels. 
Factors 
Control level 
Level (1) Level (2) Level (3) Level (4) 
Reaction temperature (°C ) 355 370 395 425 
H2 initial pressure (bar) 10 25 40 50 
Reaction time (min) 20 40 60 80 
Iron metal Loading (wt %) 0.03 0.06 0.1 0.4 
Mixing speed (RPM) 200 400 600 900 
 
3.6 Orthogonal array 
The orthogonal array is a powerful tool proposed by the Taguchi method to generate a 
number of experiments to examine the effect of different controllable factors, with each 
factor having a different level (Kowalczyk, 2014; Athreya and Venkatesh, 2012; Ghani et al., 
2004; Phadke et al., 1983; Kolahan et al., 2011).  Selecting the right orthogonal array depends 
on the number of controllable factors and their levels. In this study, five controllable factors 
were select with four levels in order to generate the proper orthogonal array.  Minitab 16 
Step (1) Select controllable factors
Step (2) Identify level settings for each controllable factor
Step (3) Select orthogonal array
Step (4) Specify the controllable factors and their level in each column in the orthogonal array
Step (5) Perform the experiments
Step (6) Data analysis 
Step (7) Signal-to-noise ratio 
Step (8) ANOVA analysis 
Step (9) Determination of control factor and optimum conditions 
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software was used.  Table  3.6 shows the generated orthogonal array L16 from Minitab 16 
software.  The orthogonal array consists of five columns, which represent the control factors 
and their corresponding levels.  In addition, every single row in the orthogonal array includes 
the experiment that should be performed at the given level of each control factor.  
 
Table  3.6.  Orthogonal array used to determine experimental conditions that were tested in 
the upgrading experiment.  
Experiment 
Number 
Factors and their level 
Reaction 
Temperature 
 (°C ) 
Initial H2 
pressure  
(bar) 
Reaction  
Time  
(min) 
Iron metal 
loading  
(wt %) 
Speed of 
mixing  
(RPM) 
1 355 10 20 0.03 200 
2 355 25 40 0.06 400 
3 355 40 60 0.1 600 
4 355 50 80 0.4 900 
5 370 10 40 0.1 900 
6 370 25 20 0.4 600 
7 370 40 80 0.03 400 
8 370 50 60 0.06 200 
9 395 10 60 0.4 400 
10 395 25 80 0.1 200 
11 395 40 20 0.06 900 
12 395 50 40 0.03 600 
13 425 10 80 0.06 600 
14 425 25 60 0.03 900 
15 425 40 40 0.4 200 
16 425 50 20 0.1 400 
 
 
 
Chapter 3: Experimental, Material and Method 
68 
 
3.7 Signal-to-noise ratio 
The Taguchi method suggests a convenient approach to select optimum conditions for 
response variables using the signal-to-noise ratio (S/N) function.  In its elemental form, the 
signal-to-noise ratio is the ratio between the desired values of a response variable and the 
undesired values of a response variable (Tansel et al., 2011).  It is used to measure the quality 
characteristic of deviation from a desired variable and it should always be maximised in order 
to allow the response variable to approach optimum conditions (Kowalczyk, 2014; 
Mukherjee and Ray, 2006; Ghani et al., 2004).  The Taguchi method proposes three main 
types of signal-to-noise ratios for the selection of optimum conditions.  Table  3.7 shows the 
type, application and formula for each type. Details about the selection of optimum condition 
reported in section 4.6 where the proper signal to noise ratio function employed.  
Table  3.7.  Signal-to-noise ratio (S/N) type and application. 
Signal-to-noise ratio type Application  Formula 
Smaller the better Minimum response variable L1MN = −10PQ1RST

U
TV
W 
Larger the better Maximum response variable L1MN = −10PQ1R 1ST

U
TV
W 
Nominal the best  				L1MN = −10PQ1R 1SXT

U
TV
W									 
 
where 
n: number of measured value 
ST
: measured value  
S2: standard deviation 
SX
: mean of measured value 
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3.8 Data analysis 
Following the Taguchi method, the analysis was conducted in two parts, namely mean 
analysis and signal-to-noise ratio analysis.  As shown in Table  3.6, each experiment is a 
combination of different levels.  In order to identify the main effect of each controllable 
factor, the Taguchi method suggests calculating the mean value of the measured response 
variable for the corresponding level setting.  For example, the main effect of setting the 
reaction temperature to Level (3) is evaluated by calculating the mean of the measured 
response variables of Experiments (9, 10, 11, and 12).  Similarly, the main effect of the initial 
H2 pressure at Level (1) was evaluated by calculating the mean of the measured response 
variables for the corresponding level setting experiments (1, 5, 9, 13), and so on.  Once all the 
mean values were calculated for each level of each controllable factor, the mean values for 
each controllable factor were plotted against the proper signal-to-noise ratio, the type was 
selected and the calculation of mean signal-to-noise ratio was performed following the 
previous procedure. Details of raw data of all run are tabulated in Appendix A.  
3.9 Analysis of variance  
ANalysis Of VAriance (ANOVA) is a statistical technique that is used to compare the 
means of at least three levels of different variables. The F-value and P-value were computed 
using one-way ANOVA to determine which variables have a significant influence upon 
heavy oil upgrading (Athreya and Venkatesh, 2012). One-way ANOVA was conducted using 
the following five steps: 
1. State Hypotheses. 
• Ho = all means of all level is same. 
• H1 = at least one difference among the means. 
2. Analysis of degrees of freedom between different levels (Dfbetween), within each level 
(Dfwithin) and the total degrees of freedom (DfTotal). 
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3. Calculate the mean of the square between the different levels (SSbetween), within each 
level (SSwithin) and the total mean (SSTotal) 
4. Compute the variance between different levels (µsbetween) and within each level 
(µswithin). 
5. Determine F and compare with Fcritical to either accept or reject the hypotheses in Step 
1. 
The following equations are used to conduct the one way ANOVA:  
Y=Z6:966[ = 	\ − 	J           3.2 
 
Y=95:]5[ = ^ − \            3.3 
 
Y=B?:_7 = Y=Z6:966[ +	Y=95:]5[																																																							      3.4 
 
``B?:_7 = ∑bc − d^ef																																														       3.5 
 
``95:]5[ = ∑"c − cgJ#																																																       3.6 
 
``Z6:966[ = ``B?:_7 − ``95:]5[																																										      3.7 
 
h>Z6:966[ = ``Z6:966[Y=Z6:966[																																																		      3.8 
 
h>95:]5[ =	 ``95:]5[Y=95:]?[          3.9 
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i =	 h>Z6:966[h>95:]5[ 																																																											                   3.10 
jklmknopqk	mrnolstuosrn	%	 = 	 vvwsoxsnvvyropz                 3.11 
where: 
{: Number of levels. 
N: Total number of response values. 
G: Sum of all response at all levels. 
|: Value of response. 
|̅T: Mean of all responses at each level. 
3.10 Analytical instruments 
The main products of the upgrading reactions are upgraded oil (i.e., liquid), non-
condensable gas and coke.  The feed and collected upgraded oil samples were analysed for 
API gravity, viscosity, and True Boiling Point (TBP) distribution, using the following 
analytical instruments  an  Anton Paar DMA 35 density meter, an Advanced Rheometer AR 
1000 (TA Instruments Ltd, United Kingdom)  and simulated distillation by Agilent 6850N 
gas chromatography (GC) in line with ASTM D2887 method.  Product quality in term of 
sulphur and metal content and the upgraded oil samples were determined by Warwick 
Analytical Service, United Kingdom, using Inductively Coupled Plasma–Optical Emission 
Spectroscopy (ICP–OES) and nitrogen content was measured by a CE 440 elemental 
analyser. The asphaltene content was determined in accordance with method ASTM D2007-
80 using n-pentane in order to evaluate the level of heavy oil upgrading. The surface 
morphology analysis was conducted on the produced coke as well as the spent dispersed 
catalysts using a Philips XL 30 SEM (XL 30 ESEM-FEG) equipped with a LaB5 emission 
source and operating at 15 kV.  X-ray diffraction (XRD) analyses was conducted on fresh and 
spend dispersed catalysts using a Bruker D2 PHASER Diffractometer with a scan range from 
Chapter 3: Experimental, Material and Method 
72 
 
0° to 160° and Co Kα radiation with a wavelength of 1.54056 Å. Details about analytical 
method and instruments will discussed in the following sections. 
3.10.1 Density and API gravity 
Density of the feedstock and upgraded oil was measured at 15 °C and reported in g/cm3 
using an Anton Paar DMA 35 (Anton Paar GmbH, Austria) digital density meter.  The Anton 
Paar density meter consists of four major parts, namely: pump lever, U-shaped glass tube, 
temperature sensor and digital monitor.  The Anton Paar density meter conducts density 
measurement based on the oscillating U-tube concept.  The U-shaped glass tube was filled 
with the sample using the pump lever.  The filled U-shaped glass tube was then agitated to 
measure the sample density based on the oscillating u-tube concept.  The sample density and 
temperature results were displayed on the digital monitor.  Calibration of the Anton Paar 
density meter was performed using distilled water to validate the density measurements of the 
feedstock and the upgraded samples.  The calibration result shows that the density of distilled 
water is 0.9999 g/cm3 at 15 °C, which almost matches the density of distilled water reported 
in the literature 1.0 g/cm3 at 15 °C. Figure  3.4 shows the Anton Paar density meter and its 
parts. 
 
Figure  3.4.  Anton Paar Density meter. 
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American Petroleum Institute (API) gravity is a criteria widely used to measure crude 
grades; the higher the API gravity, the lighter and more desirable the crude oil. API gravity 
was calculated using the following equations: 
DE	F_5: = JJ.`d − JJ. 																                3.12 
 
`d =	 86[>5:	?=	>_<<76	@	J	˚Y6[>5:	?=	9_:6F	@		˚	≈J	" @<#																					               3.13 
 
where SG is the specific gravity of oil. 
The density measurement was repeated upon three different upgraded oil samples at the same 
reaction conditions, and the data were then averaged and reported.  
3.10.2 Viscosity measurements 
The viscosity of the feedstock as well as the upgraded oil was measured using an 
Advanced AR 1000 Rheometer (TA Instruments, United Kingdom).  The major component 
parts of the equipment, as illustrated in Figure  3.5, are a fixed plate and a moving plate.  A 
parallel 40 mm diameter aluminium plate was used as the moving plate during this study, and 
the viscosity measurement mode was performed as a function of shear rate vs shear stress. 
Initially, the rheological behaviour was studied by placing a known amount of sample on top 
of the rheometer fixed plate and then lowering the moving plate.  Any excess sample outside 
the edges of moving plate was wiped off using a standard paper tissue.  The gap between the 
fixed plate and the moving plate was usually 750 µm, however if the viscosity of the oil was 
too low it caused an error in the measurements.  This gap was than reduced to suit these oils 
and so a variable gap was used in the viscosity measurements.  
The measurements show that the feedstock and the upgraded oil have constant 
viscosities when the shear rate in range from 0.5 to 500 s-1.  This means that both the 
feedstock and the upgraded oil follow the behaviour of Newtonian fluid.  Thereafter, the 
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viscosity measurements were conducted at a shear rate of 200 s-1 and a temperature of 20 °C.  
The viscosity measurements were repeated on two or three different upgraded oil samples 
under the same reaction conditions, and the data were averaged and reported. 
 
 
Figure  3.5.  Advanced Rheometer TA 1000. 
 
3.10.3 Elemental analysis 
The nitrogen content was determined by Warwick Analytical Service, United 
Kingdom, using a CE 440 elemental analyser.  The measurement was carried out by 
introducing 2 mg of accurately weighed sample into a high-temperature furnace where the 
combustion was performed. The products of combustion then pass through a special 
oxidation reagent to form CO2, H2O and NO gases.  Furthermore, the gases are passed 
through a copper column to reduce nitrogen oxide to nitrogen element as well as to remove 
any excess oxygen.  The combustion products were then detected precisely using a thermal 
conductivity detector.  Additionally, in order to evaluate level of catalytic upgrading, the 
sulphur and metal contents of the feedstock and the upgraded oil were determined by 
Warwick Analytical Service, United Kingdom, using inductively coupled plasma–optical 
emission spectroscopy (ICP–OES).  The sample was introduced to the ICP–OES instrument 
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and the intensity of the light emitted by the elements was measured. In order to determine the 
sulphur and metal content of the samples, the measured intensities are compared to the 
intensities of standards of known concentrations. The results were analysed and the sulfur 
removal and metal removal were calculated using equation 3.14and 3.15. 
%	6<?_7	?=	>G7=GF = 	<"`=668>:?@A#<"`?57	F?8G@68#<"`=668>:?@A# × JKK              3.14 
 
where m (S) is amount of sulphur in feedstock and oil produced respectively 
%	6<?_7	?=	<6:_7	" + ^5# = <"%^5#=668>:?@A<"%^5#?57	F?8G@68<"%^5#=668>:?@A × JKK           3.15 
 
where m is amount of metal (V+Ni)  in feedstock and oil produced respectively. 
 
3.10.4 Simulated distillation analysis (true boiling point distribution) 
Simulated distillation analysis was carried out using an Agilent 6850N (Agilent 
Technologies, Inc., Germany) gas chromatograph (GC, Figure  3.6) in accordance with 
method ASTM-D2887.  Note that the calibration mix of the Agilent 6850N GC contains 
hydrocarbons from C5 to C40 and also the maximum oven temperature is 280 
oC, hence 
macromolecules such as resins and asphaltenes outside this carbon range cannot be accounted 
for by this method.  The method quickly determines the boiling point distribution of various 
petroleum fractions.  The Agilent 6850N GC was equipped with a J&W 125-10 DB-1 10 m 
length, 530 μm ID and 2.65 μm film thickness capillary column.  Carbon disulfide (CS2) 
was selected as the dilution solvent for the oil samples for the following reasons: low boiling 
point, low response factor in flame ionisation detector (FID) and high miscibility with the oil 
samples.  A mixture of CS2 and oil sample was prepared in a ratio of 1 to 10 by volume. An 
accurate volume of 1 µL of mixture was taken by GC syringe and measurement was carried 
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out by introducing that amount into the GC.  The GC was operated at the following 
conditions:  
• The flame ionisation detector was maintained at 260 °C. 
• Helium was used as the eluent gas for the GC column at a flow rate of 20 mL min-1. 
• Air gas was provided with flow rate of 450 mL min-1. 
• Hydrogen flow rate 40 mL min-1. 
• Nitrogen as the make-up gas with a flow rate of 32.3 mL min-1. 
• Programmed column temperature gradient of 20 °C min-1 from 40 to 260 °C. 
• Maximum GC oven temperature is 280 °C. 
The introduced sample is analysed on a chromatographic column that separates 
hydrocarbons in order of their boiling points.  Boiling point temperatures are assigned as a 
function of retention time in the column, based on a retention time standard. In accordance 
with ASTM-D2887, the results are calculated by Agilent Technologies Chemstation software 
and reported in terms of the temperatures up to 525 °C at which specified percentage weights 
of the sample have eluted from the column.  Following the standard method ASTM-D2887 as 
well as the previous protocol and conditions, the GC was first calibrated with a hydrocarbon 
standard mixture containing C5–C40. The feedstock and the upgraded oil samples were then 
introduced into the GC for analysis. The data were collected and analysed, and the amounts 
of the following oil fractions were presented in the final results to show the level of 
upgrading. Light naphtha starts from initial boiling point to 177 °C; middle distillate starts 
from 177 °C to 343 °C; and gas oil starts from 343 °C to 525 °C (Gray, 1994).  
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Figure  3.6.  Agilent 6850N gas chromatograph (Simulated distillation). 
 
3.10.5 Asphaltene content  
As part of the evaluation level of heavy oil upgrading, the asphaltene content was 
determined in accordance with method ASTM D2007-80.  Saturated straight chain alkanes, 
such as n-pentane or n-heptane, were used as solvents to precipitate the asphaltene fraction. A 
mixture of n-pentane and oil sample was prepared in a ratio of 1 g to 40 mL, and the mixture 
was then agitated for 4 hours using a magnetic stirrer.  The mixture was left overnight to facilitate 
precipitation of the asphaltene fraction.  The asphaltene fraction was separated from the mixture 
by vacuum filtration using Whatman filter paper grade (6) with 6 µm pore size and 4.5 cm 
diameter.  The filter paper was washed with n-pentane until colourless n-pentane was observed, 
and vacuum filtration was carried out to completely dry the filter paper.  The dried filter paper 
was measured before and after the filtration in order to determine the mass of the asphaltene 
fraction. The asphaltene content was calculated using the following formula.  
$ℎ		% = ,T		,,,/,	T,	//,U,,T		,/ ¡	T	 	¢	100                          3.16 
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3.10.6 Scanning electronic microscopy and surface morphology analysis 
Surface morphology analysis was conducted on the coke as well as the spent catalysts 
using a Philips XL 30 Scanning Electron Microscope (SEM) (XL 30 ESEM-FEG) equipped 
with a LaB5 emission source and operating at 15 KV.  In addition, the elemental composition 
of the selected sample was determined using energy-dispersive X-ray spectroscopy (EDX). A 
photomicrograph was collected over the selected area from the sample surface using SEM with a 
resolution of 1344 × 1024 pixels, width of 10 µm and magnification of 35000×.  
3.10.7 . X-ray diffraction analysis 
X-ray diffraction (XRD) analysis was conducted on fresh and coked catalysts using a 
Bruker D2 PHASER Diffractometer with a scan range from 0° to 160° and Co Kα radiation 
with a wavelength of 1.54056 Å. The crystalline phase was determined using a EVA database 
(PDF-4+2012) provided by the International Centre for Diffraction Data (ICDD).  Equation 
3.17 shows how the Scherrer equation relates crystal size to wavelength. 
8 = £¤¥mr¦ §                    3.17 
where  
d: Crystallite size (nm) 
K: Constant 
λ: X-ray wavelength (nm) 
β: Peak width (degrees) 
θ: Bragg angle (degrees) 
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4 Chapter 4 
Optimization of Heavy Oil Upgrading using Dispersed 
Nanoparticulate Iron Oxide as a Catalyst 
4.1 Introduction  
In this Chapter, a comprehensive optimization of the iron dispersed NPs for in situ 
upgrading during THAI process was carried out in a stirred batch reactor. Investigations 
include the effects of reaction temperature, iron metal loading, reaction time, mixing, and 
initial hydrogen pressure on the extent of upgrading in terms of API gravity increase, 
viscosity reduction, asphaltene content, sulphur and metals reduction, and true boiling point 
(TBP) distribution. The impact of these variables on the yields of liquid (i.e., upgraded oil), 
gas and coke after reaction was also explored. This optimization is to maximize the 
upgrading in the produced oil while suppressing coke formation. The Taguchi method was 
applied to optimize the effect of reaction factors and select the optimum values that maximize 
level of heavy oil upgrading while suppressing coke yield. The reaction factors evaluated 
were reaction temperature, H2 initial pressure, reaction time, iron metal loading and speed of 
mixing. An orthogonal array, analysis of mean of response, analysis of mean signal to noise 
ratio (S/N) and ANalysis Of VAriance (ANOVA) were employed to analyze the effect of 
these reaction factors. Detailed optimization of the reaction conditions with iron oxide 
dispersed nanoparticles (≤ 50 nm) for in situ catalytic upgrading of heavy oil was carried out 
at the following ranges; temperature 355 – 425 oC, reaction time 20 – 80 min, agitation 200 – 
900 rpm, initial hydrogen pressure 10 – 50 bar, and iron metal loading 0.03 – 0.4 wt%. 
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4.2 Catalysts activity 
Table  4.1 summarizes the performance of dispersed iron metal oxide (Fe2O3, size ≤ 50 
nm) at different levels of reaction factors. 
Table  4.1.  Dispersed iron metal oxide performance at different levels of severity a. 
(Feedstock: API 12.8°, Viscosity 1482 cP, 0.68 wt% (IBP-177 °C), 28.18 wt% (177-343 
°C)). 
Catalysts Nona Fe2O3
a Nonb Fe2O3
b Nonc Fe2O3
c 
Product distribution  
Coke (wt %) 2.21 ± 0.15 0.89 ± 0.1 7.73± 0.21 7.94 ±0.31 12.00 ± 0.35 6.79 ± 0.11 
Gas (wt %) 5.73 ±0.13 4.80 ±0.1 8.70± 0.15 9.81 ±0.2 12.00  ±0.14 10.72 ±0.2 
SIMDIST Boiling point distribution (wt %) 
(IBP-177 °C) 17 ± 0.11 16± 0.16 23±0.18 22 ±0.21 25 ± 0.2 21 ± 0.3 
(177-343 °C) 43 ± 0.44 44±0.4 43 ± 0.2 45 ±.31 43 ±0.14 47 ±0.1 
Physical properties 
API gravity° @ 15 °C 
Viscosity (cP) 
19 ± 0.2 
203.24 ±1.7 
19 ±0.3 
217.61 ±1 
22 ± 0.1 
82.4 ±1.4 
21 ±0.1 
112.03 ±1 
24 ± 0.2 
53.54 ±2 
21 ± 0.1 
105.75 ±1.5 
 
a Reaction conditions: one step (410 °C, 60min, H2 initial pressure 50 bar, mixing speed 900 rpm) 
b Reaction conditions: one step (425 °C, 60min, H2 initial pressure 50 bar, mixing speed 900 rpm) 
c Reaction conditions: two steps (410 °C, 50min, H2 initial pressure 50 bar, mixing speed 900 rpm followed 
by 425 °C, 60min, mixing speed 900 rpm). Errors are expressed in terms of standard deviation for triplicate 
experiments 
Non= no catalyst 
It is clear from Table  4.1 (condition b) that dispersed iron metal oxide (Fe2O3) has very 
poor activity.  This is because the results were very close to those obtained in the absence of 
catalyst (i.e., thermal cracking) at 425 oC. On the other hand, at reaction condition (a) in 
Table  4.1 the catalyst has better activity in term of inhibiting coke formation, as the coke 
observed was 60 % below 2.21 wt% coke yield for thermal reaction only.  The results are 
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consistent with literature where similar observations were reported (Kaneko et al., 2000; 
Derbyshire and Hager, 1992; Panariti et al., 2000a). 
The activation of dispersed catalysts can be achieved in-situ due to the sulfidation 
reaction between the iron NPs and the sulfur contained in the heavy oil to generate active 
metal sulfide phase(Liu et al., 2009). Though not reported here, the analysis of the spent NPs 
of iron showed pyrrhotite (Fe1-xS) which is believed to occur during the heating stage to the 
reaction temperature. The sulfidation of the iron NPs is also confirmed by the decreased 
sulfur content of the upgraded oil relative to the feed oil (discussed in Section  4.5). This 
process can influence the activity of the NPs as well as their upgrading performance. It has 
been reported that the activation of dispersed catalysts could be improved by carrying out a 
low reaction temperature step, consisting of catalyst reduction under a flow of hydrogen at 
milder temperature than the reaction itself, followed by high temperature reaction (Liu et al., 
2009; Ren et al., 2004; Panariti et al., 2000a; Bhattacharyya and Mezza, 2012). It was 
observed from Table  4.1 that the two-step experiment helped in improving the catalyst 
activity under more severe conditions (425 °C, 60min) where the coke yield reduced from 12 
wt% (thermal cracking) to 6.76 wt% (catalytic). In addition the middle distillate production 
was increased to 47 wt% (catalytic) relative to the feedstock containing 28.18 wt%, which is 
in agreement with literature(Bhattacharyya and Mezza, 2012; Panariti et al., 2000a). Hence, 
the addition of iron NPs suppressed coke formation significantly while slightly improving 
product distribution relative to thermal cracking (Table  4.1, reaction condition c).  
4.3 Effect of reaction factors on product distribution 
Heavy oil upgrading is aimed at improving the yield of middle distillate fraction while gas 
and coke yields are inhibited (Angeles et al., 2014).  Experiments in Table 3.6 were repeated 
three times. The samples were analyzed and pooled standard deviations were calculated to 
quantify the variance of the results as follow: coke wt% ±0.14, middle distillate wt% 
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±0.25,light naphtha wt% ±0.22, Gases wt% ±0.46, API ±0.28o, Viscosity  ±0.5, sulfur 
wt%±0.025, Metal (Ni+V) wt% ±0.031. The effects of reaction factors on product 
distribution are graphically presented (vertical point plot) in Figure  4.1. 
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Figure  4.1.  Effect of reaction factors on product distribution. (a) mean coke formation wt%; 
(b) mean middle distillate (177-343 °C) wt%; (c) mean light naphtha (IBP -177 oC) wt%; (d) 
mean gases (C1-C4) wt%. The mean of each factor is indicated by a circle, the number next to 
each circle indicates the factor level, and the percentage contribution is indicated by (*). 
Details of reaction factors and their levels see Table 3.5. 
 
Qualitatively, Figure  4.1 shows that the formation of coke, light naphtha fraction (IBP 
– 177 °C), middle distillates fraction (177-343 °C) and gases (C1-C4) are highly affected by 
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reaction temperature for all factors.  The relationships between coke, light naphtha and gas 
and reaction temperature are shown in Figure  4.1 (a), (c) and (d) respectively.  The coke, light 
naphtha fraction and gas formation increases gradually at low reaction temperature Levels 1, 
2 (355 °C, 375 °C respectively).  However, the increased rate of mean of percentage weight 
for coke, light naphtha and gas becomes greater at the high reaction temperature Level 4 (425 
°C).  The mean of percentage weight for coke formation is negligible at Level 1 and Level 2 
reaction temperature, and the coke started to form at an intermediate level where coke 
formation reached 0.62 wt% at Level 3 (395 °C), and it rose to its maximum value of 6.48 
wt% at Level 4 reaction temperature.  Furthermore, the mean percentage weights for light 
naphtha fraction (IBP – 177 °C) at reaction temperature are as follows 7.88 wt% (Level 1), 
9.57 wt% (Level 2), 11.89 wt% (Level 3) and 31.34wt% (Level 4) respectively, relative to 
0.67 wt% the light naphtha fraction in feed oil.  A similar trend can be noticed in the mean of 
percentage weights of gases (C1-C4) 1.43% (Level 1), 2.6% (Level 2), 3.2% (Level 3) and 
9.56% (Level 4) for reaction temperature.  On the other hand, Figure  4.1 (b) shows that the 
middle distillate fraction (177-343 °C) gradually decreases as the reaction temperature 
increases levels 1, 2 and 3.  However, the decreasing rate of middle distillate fraction (216-
343 °C) becomes faster at the high reaction temperature Level 4.  The mean of percentage 
weights for the mean middle distillate fraction (177-343 °C) for reaction temperature can be 
summarized as thus 51.18 wt% (Level 1), 48.43 wt% (Level 2), 46.62 wt% (Level 3) and 
36.56 wt% (Level 4) respectively, relative to 27.59 wt% (feed oil).  Similar observations have 
been reported in the literature (Speight, 2011; Rana et al., 2007).  This is because as the 
reaction temperature increases, the cleavage of C-C and C-heteroatom bonds increases as 
well as condensation and polymerization reactions between free-radicals are favored, which 
are thought to be responsible for the high yield of light naphtha, gas and coke(Hart et al., 
2015; Panariti et al., 2000a). 
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The results of experiments carried out at various levels of dispersed catalytic loading, 
reaction time, initial H2 pressure, and speed of mixing are graphically presented in Figure  4.1 
(a-d).  It is clear that these factors do not exert as much effect as reaction temperature because 
the cleavages of C-C and C-heteroatom bond are dependent on temperature.  However, the 
chemistry of hydroconversion reactions can be enhanced by these factors (Angeles et al., 
2014; Fujimoto et al., 2000; Del Bianco et al., 1994). 
The produced coke, light naphtha and gas appears to be inhibited slightly as H2 initial 
pressure increased from Level 1 to Level 4 (10-50 bar) as shown in Figure  4.1 (a), (c) and (d).  
As a consequence, the mean of percentage weights for coke ranged from (2.27 to 1 wt%), 
light naphtha (16.27 to 13.73 wt%) and gas (5.29 to 3.5 wt%).  Also, the production of 
middle distillate remained within a narrow range between 46 to 42 wt% as H2 initial pressure 
change from Level 1 to Level 4, as shown in Figure  4.1 b. This observation is consistent with 
the literature where it has been reported that at moderate reaction pressure (70 bar) the yield 
of light product and gas is reduced (Elizalde et al., 2010).  In other words, the intermediate 
fraction does not undergo secondary hydrocraking; hence the produced gas and light fractions 
are mainly products of hydrocracking of the heavy fraction.  In addition, the hydrogenation 
reaction could be expected to be more active at moderate pressure while at high pressure the 
hydrocracking dominates (Elizalde et al., 2010; Elizalde et al., 2009; Ancheyta et al., 2005). 
In Figure  4.1 (a-d), the effect of reaction time is also presented. It is clear that the 
reaction time does not have as much impact as reaction temperature.  However, a long 
reaction time promotes cracking, secondary cracking of intermediates and more yields of 
coke, light naphtha, middle distillate and gas.  The mean of percentage weights for coke 
ranged from 1 to 2.2, middle distillate 42 to 46.5 wt%, light naphtha 13 to 16 wt% and gas 
3.5 to 5 wt% as the reaction time increased from Level 1 to Level 4 (20-80 min).  The iron 
metal loading does not exact significant impact on inhibition of formation of coke, light 
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naphtha and gas however the middle distillate fraction is stable even in presence of low iron 
metal loading (Figure  4.1 (a-d)).  Notably, an increase in the iron metal loading from Level 1 
to Level 3 (i.e., 0.03 to 0.1 wt %) led to a reduction in mean coke (1.5 wt %), light naphtha (1 
wt %) and gas (2 wt %) after reaction. In addition, the mean of percentage weights for the 
middle distillate fraction ranged from 42 to 47 wt% as iron metal loading changed from Level 
1 to Level 4.  In comparison to supported catalysts, dispersed catalyst particles in heavy oil 
are less susceptible to deactivation during heavy oil upgrading.  Dispersed NPs offer better 
contact with reactants than the supported pelleted catalysts, which may lead to an increased 
reaction surface area as well as reduced mass transfer limitations between reactants (Liu et 
al., 2010; Il Yoon et al., 2003).  As particle size decreases its surface area increases, therefore 
dispersion offers the usage of the entire surface related to pelleted counterpart.  The iron NPs 
is pure iron oxide; hence the active phase is dispersed on the external surface after 
sulfidation.  The process of stabilizing free radicals should be rapid in the presence of active 
hydrogenation catalysts to avoid fast and undesirable condensation reactions which would 
lead to form the mesophase then coke respectively (Fixari et al., 1994; Panariti et al., 2000a; 
Panariti et al., 2000b).  The reduced coking observed can be attributed to the nano-dispersed 
iron oxide catalysts and it boosts hydrogen uptake during hydro-cracking reactions (see 
Figure  4.1 a).  This helped to control the rate of free radical propagation via β-scission 
reactions and subsequently to the conversion of heavy fractions to lighter products is 
improved (Bellussi et al., 2013; Weitkamp, 2012).  These reaction stages are as follows: 
Initiation:      
 2∙           4.1 
Propagation:  
Chain transfer     
∙ + 
 +∙          4.2 
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Β-scission       
∙ ∙ +           4.3 
Termination:         
 +          4.4 
where M is the parent compound, and ∙ is the smaller alkyl radical. 
On the other hand, it was observed that at Level 4 (0.4 wt %) of iron metal loading the 
mean of percentage weights for products tended to increase again approximately for coke (1 
wt % ), gas (1 wt % ) and light naphtha (3 wt%).  These results show that a similar trend in 
coke formation was observed as the use of dispersed MoS2 (Kennepohl and Sanford, 1996; 
Dabkowski et al., 1991).  However, the activity experienced with MoS2 is higher compare to 
Fe2O3.  It was suggested that a high level of active metal sulfide (MoS2) could lead to a high 
level of hydrogenation which reduces asphaltene stability and promotes coke formation 
(Panariti et al., 2000b; Kennepohl and Sanford, 1996). 
The flow of oil over the dispersed nanoparticles will create some sort of mixing; hence, the 
effect of agitation upon the level of upgrading achieved was studied.  It was observed that the 
levels of upgrading in terms of product distribution achieved at agitation speed of 200 rpm 
were 1.8 wt% (coke), 46 wt% (middle distillate), 16.26 wt% (light naphtha) and 3.7 wt% 
(gas).  At 900 rpm mixing speed, the mean of percentage weights was 1.9 wt% (coke), 47 
wt% (middle distillate), 15.5 wt% (light naphtha) and 4.5 wt% (gas) (Figure  4.1 (a-d)).  Since 
the particle size is small dispersion can be achieved with minimal mixing speed; hence minor 
changes were observed in the product distribution.  These results are consistent with the 
literature where it has been reported that the yield of produced coke and gas is decreased 
during hydro-cracking of residua using nickel sulfate and ferrous sulfate as dispersed 
catalysts at the stirring rate 400-4000 rpm and reaction temperature 430 ˚C (Luo et al., 2011).  
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In comparison to non-catalytic (i.e., thermal) upgrading, the yield of coke and gas were 
reduced to 3.47 and 5.32 wt % respectively relative to yields of 10.81 % (coke) and 8.84 % 
(gas) reported by Luo et al. (2011) for thermal upgrading.  Luo et al. (2011) also reported that 
the yields of coke ranged from 3.47 to 3.03%, while gas ranged from 5.23 to 3.81% as the 
mixing speeds increased from 500 to 2000 rpm.  In addition, the same study showed that 
yields of both coke and gas decreases slightly with changing loading of dispersed catalysts 
from 0.01 to 0.06 g.mL-1. 
An important step in the hydrocracking reaction is the saturation of free radicals, which is 
mainly promoted by hydrogenation catalysts (Gray, 1994).  In addition, the dispersion of 
catalysts and hydrogen gas could be improved by good mixing (Angeles et al., 2014; Rezaei 
et al., 2012; Luo et al., 2011).  This explains why increased hydrogen pressure, increased iron 
metal loading and good mixing suppressed coke and gas formation as well as improving 
middle distillate production even at high reaction temperature (see Figure  4.1 (a-d)). 
4.4 Effect of reaction factors on physical properties 
The API gravity of the crude oil is one important factor for assessing the quality of crude 
oil.  High crude oil viscosity is detrimental for extraction as well as pipeline transport.  In 
addition, the high level of heavy oil upgrading is characterized in physical terms by an 
increase in the API gravity and when its dynamic viscosity is reduced by few orders of 
magnitude(Hoshyargar and Ashrafizadeh, 2013).  The viscosity and API gravity of the crude 
oil is greatly influenced by its macromolecular weight constituents, such as resins and 
asphaltenes; chemical composition can also play a major part. 
Figure  4.2 shows the effect of reaction factors such as reaction temperature, reaction time, 
H2 initial pressure, mixing, and iron metal loading on the produced oil API gravity and 
viscosity.  
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Figure  4.2.  Effect of reaction factors on physical properties (a) mean API gravity (b) mean 
viscosity. The mean of each factors indicate by a circle and the number next to each circle 
indicate factor level, percentage contribution indicated by (*). For details of reaction factors 
and their levels see Table 3.5. 
 
It is shown in Figure  4.2 that the API gravity of the produced oil increased as the reaction 
temperature increases from Level 1 to Level 4 (355 to 425 oC).  The API gravity for the 
produced oil was 19.5o (Level 4) and 13.7o (Level 1), compared to 12.8o for the heavy feed 
oil.  Correspondingly, the produced oil viscosity decreased as a mirror trend of the API 
gravity as reaction temperature increases (see Figure  4.2 a-b).  This trend in API gravity and 
viscosity with reaction temperature was expected as a similar observation had been reported 
earlier in the literature (Hart et al., 2014).  This can be attributed to increased cracking 
reactions with temperature rise, which is re-enforced with corresponding increase in 
production of gas and coke as temperature increases. Hart et al. (2013) reported a similar 
effect of temperature on the catalytic cracking of heavy oil.  
The significant influence of reaction temperature increase on the API gravity and viscosity 
can be noticed in Figure  4.2 (a-b).  This is because an increase in temperature accelerates the 
rate of the three major reactions occurring in the slurry environment such as (a) free-radical 
formation from C-C and C-heteroatom bonds cleavage, (b) hydrogen-transfer reactions (i.e., 
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hydrogen-abstraction by C-H bond scissions and hydrogen-addition capping free-radicals), 
and (c) condensation and polymerization reactions between free-radicals (Hart et al., 2014; 
Zhang et al., 2012; Weitkamp, 2012).  However, in the absence of active catalysts and at 
reaction temperature above 420 °C, reactions (a) and (c) dominate.  As a consequence of 
these reactions lighter oil (high yield of light naphtha fraction), gas and coke were observed.  
This is reflected in the increased API gravity and decreased oil viscosity noticed (Gray, 
1994). 
An increased hydrogen pressure increases the availability of hydrogen for hydroconversion 
reactions (Elizalde et al., 2010; Sambi et al., 1982), but the oil API gravity and viscosity 
changes slightly as the initial pressure increases from Level 1 to Level 4 (10-50 barg).  An 
average increase of 0.85o was observed for API gravity, whilst a change of 75.6 cP was 
observed in viscosity, respectively (Figure  4.2 a-b).  Hence, initial hydrogen pressure does 
not achieve as much effect on API gravity and viscosity as reaction temperature.  (Hart et al., 
2014; Elizalde et al., 2009)) observed a similar effect of hydrogen pressure on API gravity 
and viscosity of the produced oil in fixed bed catalytic upgrading of heavy oil. 
In Figure  4.2 (a-b), the effect of reaction time is presented.  The API gravity of the 
produced oil increases from 15.8o to 16.4oAPI as the reaction time increased from Level 1 to 
Level 4 (20 to 40 min), thereafter, decreased to 15.8o with further increase in reaction time to 
Level 4.  Though reaction time does not achieve as much impact as temperature, long 
reaction time promotes over cracking, secondary cracking of intermediates and a greater yield 
of coke, which contributed to the trend observed.  Also, prolonged reaction time would have 
promoted condensation and polymerization reactions between free-radicals resulting in the 
formation of larger molecular weight product, which explains the low API gravity and 
slightly higher viscosity of the produced oil after reaction for longer reaction time.  The 
availability of active sites decreases with time as a result of adsorption of resins and 
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asphaltene, coke and metals deposits (i.e., deactivation of catalyst). This suppresses the 
performance of the dispersed NP catalyst and also contributes to the observed trend in API 
gravity and viscosity with reaction time. 
It was observed that the value of API gravity decreased from 16.48o to 15.7° as the 
agitation speed varies from 200 to 900 rpm (Level 1 to Level 4).  The viscosity was 747.6 cp 
at Level 1 (200 rpm) and increased to 847.4 cp at Level 4 (900 rpm).  An increase in agitation 
could lead to enhanced nanoparticle dispersion and contacting of oil-solid within the reaction 
medium (Jafari et al., 2012), which will decrease the mass transfer barrier between the solid-
liquid-gas (Angeles et al., 2014). Nevertheless, an optimum API gravity and viscosity could 
be reached at agitation speed from Level 2 to Level 4 (400 – 900 rpm).  This could be 
attributed to nano-size particles, which required intermediate mixing speed to achieve 
adequate suspension necessary for reaction (Angeles et al., 2014; Jafari et al., 2012).  This is 
within the same range of agitation reported by Hart et al. (2015), who found an optimum at 
500 rpm. 
The iron metal is responsible for hydrogen activation and transfer reactions to moderate 
produced free radicals from the cracking of heavy molecules (Kaneko et al., 2000).  The iron 
metal loading does not exact significant impact on the API gravity and viscosity of the 
produced oil (see Figure  4.2 (a- b)) because it is unsupported (i.e., pure iron oxide) unlike 
bifunctional catalyst supported on zeolites and alumina promote C-C cleavage due to their 
acidic sites, rather the iron NPs support hydrogen transfer reactions.  This means that lack of 
acidic site on the iron NPs impede cracking functionality.  Notably, an increase in the iron 
metal loading from Level 1 to Level 4 (i.e., 0.03 to 0.4 wt%) produced minor changes in API 
gravity and viscosity of the produced oil after reaction by 0.85o and 55.9 cP. 
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4.5 Effect of reaction factors on product quality 
The high content of sulfur and metals (i.e., Ni and V) adversely impact on downstream 
processes such as catalytic reforming, hydrotreating and the cost of hydrotreatment.  Hence, 
upgrading is also aimed at decreasing the level of impurity to meet refinery feedstock 
specification.  Figure  4.3 shows the extent of sulfur and metals reduction for the different 
reaction factors. 
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Figure  4.3.  Effect of reaction factors on Product quality (a) mean HDS % (b) mean metal 
(V+Ni) wt %. The mean of each factors indicate by a circle and the number next to each 
circle indicate factor level, percentage contribution indicate by (*).Details of reaction factors 
and their levels see Table 3.5. 
 
From Figure  4.3 (a), as the reaction temperature increases from Level 1 to Level 4 (i.e., 355 
to 425 oC), the extent of hydrodesulfurization (HDS) increases in that order from 4.2 to 
26.3%.  However, it can be seen that increasing initial hydrogen pressure does not exact any 
influence on the extent of sulfur removal which was recorded as approximately 13.2% for all 
the range of H2 initial pressures investigated.  The decrease in sulfur content of the produced 
oil faintly increased from 11.2 to 15.2% as the reaction time increased from Level 1 to Level 
4 (20 to 80 min).  It was suggested that some of the sulfur in the heavy oil was removed as a 
result of sulfidation of the iron NPs during reaction and coke deposition (Ancheyta et al., 
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2005).  The sulfur content showed an average of 13.2% as the stirring speed increases from 
Level 1 to Level 4 (200 to 900 rpm) within standard deviation of ±0.025.  Whilst the increase 
in iron metal loading from Level 1 to Level 4 (0.03 to 0.4 wt%) caused a similar level of 
sulfur removal (an average 13.2 % ) within standard deviation of ±0.025 in the produced oil 
relative to the heavy feed oil 3.09 wt%.  The above results indicate that the breaking of the C-
S bond is temperature driven to overcome the bond energy, though the metal loading can also 
influence the interaction with the molecules and C–S bond and hydrogen to improve removal 
(Gray, 1994). 
The removal of metals (i.e., Ni + V) was observed to be 7.6% below 0.0132 wt% for the 
feed oil, for the ranges of the following process variables initial hydrogen pressure, metal 
loading, stirring speed and reaction time investigated.  The further increase of these reaction 
factors did not have a remarkable effect on the extent of Ni + V removal.  However, 
increasing the reaction temperature from Level 1 to Level 4 (355 to 425 oC) increased the 
removal of Ni + V metals from 7.5 to 68.9 % below 0.0132 wt% for the heavy feed oil.  The 
removed metals (Ni + V) are deposited on the NPs and with produced coke as metallic 
sulfides (Ancheyta et al., 2005).  In reality, the sulfur and metals removed from the heavy oil 
will be left behind in the oil reservoir during the in situ catalytic upgrading. 
Hydrogen plays two important roles in metals (V+Ni) removal which are 
hydrodemetallization (HDM) and hydrogenation.  First hydrogen could help in hydrogenating 
unsaturated hetroatoms containing compounds such as quinolines and olefins and it also 
participates to hydrocrack the cyclic (saturated and unsaturated) compounds, which produces 
a metal sulfide and an organic counterpart.  In general high hydrogen pressure observed in 
this study favored both reaction steps.  In addition, the influence of hydrogen pressure as well 
as catalyst loading on product quality could be properly evaluated at low reaction temperature 
(Panariti et al., 2000b; Reynolds, 1991). 
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4.6 Selection of optimum factors levels 
Taguchi suggests analyzing mean of signal to noise ratio as well as mean of response in 
order to identify the effect of process factors and optimum conditions. The optimum factor 
levels were selected in this section based on Taguchi method by performing ANOVA on both 
mean signal to noise ratio (S/N) and mean of response in addition to percentage contribution 
of reaction factors (section 3.5). The level of significance was measured in terms of 
percentage contribution (Phadke et al., 1983; Kolahan et al., 2011; Ghani et al., 2004). The 
percentage contribution of reaction factors, mean signal to noise ratio (S/N) and mean of 
response were presented graphically in Figure  4.4, 4.5, 4.6 and Figure  4.1, 4.2 and 4.3 
respectively. 
Reaction factors that have a significant effect on mean signal to noise ratio (S/N) are 
classified as control factors (Kolahan et al., 2011; Phadke et al., 1983; Simpson, 1998).  It has 
been reported to set the level of this factor equal to the optimum level to minimize process 
variability (Kowalczyk, 2014; Fratila and Caizar, 2011). Secondly in order to maintain the 
mean responses on the target value, the Taguchi method suggested using signal factor. 
Ideally, the signal factor is the factor that has the most significant effect on mean response 
with no effect on mean S/N of the response. The percentage contribution of the different 
reaction factors on mean S/N ratio as well as mean of responses can be seen clearly in Figure 
 4.1-4.6 respectively (Ghani et al., 2004; Phadke et al., 1983; Pignatiello Jr, 1993). 
It is clear from the results and Figure  4.1-4.6 that reaction temperature has the most 
significant effect on mean S/N ratio; hence, is the most important control factor.  Also, it is 
evident that reaction temperature has the most significant effect on the mean of all responses. 
However, iron-metal loading and initial H2 pressure have a significant effect on middle 
distillate fraction and gases respectively.  Among the reaction temperature, iron-metal 
loading and H2 initial pressure factors, the reaction temperature is the control factor and so it 
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is not suitable as a signal factor.  The remaining two factors, iron-metal loading and initial H2 
pressure, have a moderate effect on middle distillate fraction and gas yields.  Therefore, both 
iron-metal loading and H2 initial pressure are assigned to be signal factors.  Other factors, 
such as reaction time and mixing speed, could be set at an economical level where they have 
no significant effect on either the mean S/N ratio or mean of response.   
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Figure  4.4.  Effect of reaction factors on mean signal to noise ratio (a) coke formation 
(smaller the better) (b) middle distillate (177 - 343 °C) (larger the better) (c) light naphtha 
(IBP-177 oC) (smaller the better) (d) gases (C1-C4) (smaller the better). The mean of each 
factors is indicated by a circle and the number next to each circle indicate factor level, 
percentage contribution indicate by (*). For details of reaction factors and their levels and 
(S/N) ratio calculation see Table 3.5 and 3.7. 
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Figure  4.5.  Effect of reaction factors on mean signal to noise ratio (a) API gravity (larger the 
better) (b) Viscosity (smaller the better). The mean of each factors indicate by a circle and the 
number next to each circle indicate factor level, percentage contribution indicate by (*). For 
details of reaction factors and their levels and (S/N) ratio calculation see Table 3.5 and 3.7. 
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Figure  4.6.  Effect of reaction factors on mean signal to noise ratio (a) HDS % (larger the 
better) (b) metal (V+Ni) (larger the better).  The mean of each factors indicate by a circle and 
the number next to each circle indicate factor level, percentage contribution indicate by (*). 
For details of reaction factors and their levels and (S/N) ratio calculation see Table 3.5 and 
3.7. 
 
 
Chapter 4: Optimization of Heavy Oil Upgrading using Dispersed Nanoparticulate Iron Oxide as Catalyst 
96 
 
In this study, the optimum level of the control factor (reaction temperature), as well as 
signal factors, were selected and tested, and the results presented in Table  4.2 and 4.3 
respectively. It is well known that the oxygen flux is the main driver for generating heat 
during THAI process. Hence, the optimum reaction temperature could be conducted by 
controlling oxygen flux during THAI process. Also, NPs injection needs further 
investigations of heavy oil formation to identify the proper layer to penetrate NPs during 
THAI process. 
Table  4.2.  Optimum factor levels and conditions. 
Factor Optimum level Selected conditions 
Reaction Temperature (°C) 4 425 
Initial H2 pressure (bar) 4 50 
Reaction Time (min) Normal 60 
Iron-metal loading (wt %) 3 0.1 
Speed of mixing (RPM) Normal 400-600 
 
Table  4.3.  Results of upgrading oil at optimum conditions. 
Physical properties Results 
API° gravity 21.1 
viscosity (cP) 105.75 
Product quality  
HDS%  37.54 
Metal (Ni + V) wt %  0.062 
Product distribution   
Coke formation wt % 6.79 
Gases (C1-C4) wt % 10.72 
Naphtha fraction (IBP - 177°C) wt % 21 
Distillate fraction(177–343°C) wt % 47 
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5 Chapter 5 
Effectiveness of Different Transition Metal Dispersed 
Catalysts for In-Situ Heavy Oil Upgrading 
5.1 Introduction  
Chapter 5 is devoted to examining the effectiveness and activity of different types of 
dispersed unsupported transition metal catalysts for in situ heavy oil upgrading instead of 
packed pellets of catalyst attached to the horizontal well.  The sulfidation of the metal oxides 
during heating and reaction by the sulfur contained in the heavy oil was investigated using 
Fe2O3 nanoparticles.  The performance of molybdenum-based, iron-based and nickel based 
dispersed catalysts were investigated in term of product distribution (i.e., liquid, gas and 
coke) and (naphtha, middle distillate and gas oil fractions), physical properties (i.e., API 
gravity and viscosity) and product quality (i.e., sulphur, metals and nitrogen contents) and 
evaluated against that achieved with thermal cracking without the addition of metal particles. 
Also studied is the effect of dispersed unsupported catalysts on the type of produced coke 
from the upgrading reactions using Scanning Electron Microscope (SEM). 
5.2 Sulphidation test 
The active phase (metal sulphide) of the dispersed catalysts is formed in situ during the 
sulphidation reaction between the unsupported metals and the sulphur contained in the heavy 
oil (Liu et al., 2009).  This activation process can influence the activity and performance of 
the dispersed catalysts.  The sulphidation reaction was conducted using iron-based dispersed 
catalysts (Fe2O3).  The experiment was performed without adding a sulphur source at a 
reaction temperature of 410°C, 50 bar of initial hydrogen pressure and 900 rpm mixing speed 
for 50 min, followed by a reaction temperature of 425°C for 60 min.  The fresh Fe2O3 and 
coke from thermal upgrading was analyzed by XRD.  In addition, the spent dispersed catalyst 
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was recovered after the sulphidation experiment and analyzed to validate the activation 
reaction. Figure  5.1. (a-c) shows the result of XRD analysis of fresh Fe2O3, coke (from 
thermal upgrading) and the recovered coke and catalysts after activation reaction 
respectively.  The presence of an active-phase pyrrhotite-5C (Fe1-xS) can be observed (the 
obtained XRD data match with pyrrhotite-5C pattern using EVA database by ICDD). 
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Figure  5.1.  XRD pattern (a) for the fresh Fe2O3 catalysts (b) recovered coke from thermal 
upgrading (c) recovered coke and catalysts after activation reaction. 
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Figure  5.2.  SEM micrograph of recovered Fe2O3 catalysts. 
 
Figure  5.2 shows the SEM micrograph of the recovered coke and iron particles composite 
after reaction.  The iron particle seen on SEM image has been identified by XRD (see Figure 
1c) as pyrrhotite which particle size is in the nano-scale order (Figure  5.2).  It is therefore 
clear that the unsupported catalysts are converted to their active phase (i.e., activated) during 
the heating and reaction stage of the experiments as shown in Figure  5.1 c.  This procedure 
and results are consistent with that reported in the literature for activation transition metal 
catalyst (Mo, Ni and Fe) (Liu et al., 2009; Ren et al., 2004; Panariti et al., 2000a; 
Bhattacharyya and Mezza, 2012). 
5.3 Effect of catalyst size on heavy oil upgrading 
It has been found that the use of ultrafine catalysts could help to mitigate the challenges of 
coke formation during catalytic upgrading (Zhang et al., 2007).  Stirred tank reactors have 
been widely used for the purpose of investigating the effect of dispersed catalysts on 
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hydroconversion of heavy oil (Speight, 2004; Pitault et al., 2004).  The stirring speed used 
was in line with the guidelines reported in the literature to ensure suspension and adequate 
dispersion of the particles in the oil during reaction (Angeles et al., 2014; Jafari et al., 2012; 
Sahu et al., 2015). 
Table  5.1 shows the effect of particle size on the extent of upgrading for experiments 
carried out with unsupported Fe2O3 particles.  It can be observed that different particle sizes 
show similar activity in terms of their effect upon product distribution, physical properties 
and product quality of the produced oil at high reaction conditions (see condition a). 
Table  5.1.  Effect of catalysts size on product distribution physical properties and product 
quality a. (Feedstock: API 12.8°, Viscosity 1482 cP, C5-aphaltene 14 wt%, 0.68 wt% (IBP-
177 °C), 28.18 wt% (177-343 °C), 71.6  wt% 343 °C+, 3.09 wt% sulphur , 0.0132 wt% 
(Ni+V)). 
Catalysts type /size  Non Fe2O3 (≤ 50 nm) Fe2O3 (≤5 µm) 
Product distribution (wt %) 
Coke  12 6.79 6.64 
Liquid  76 82.48 82.74 
Gas  12 10.72 10.63 
C5-aphaltene  4.5 10 9.89 
SIMDIST Boiling point distribution of produced liquid (wt %)  
(IBP-177 °C) 25 21 22 
(177-343 °C) 43 47 47 
(343 °C+) 32 32 31 
Physical properties of produced liquid 
API gravity at 15 °C 
Viscosity (cP) at 20 °C 
24 
53.54 
21 
105.75 
21.5 
92 
Product quality removal % of produced liquid 
HDS   
HDM  
N (wt %) 
43.92 
85.67 
0.25 
37.54 
69.38 
0.14 
35.74 
69.29 
0.24 
 
a Reaction conditions: two steps: 410°C, 50 min, metal loading 0.1 wt % , H2 initial pressure 50 bar, mixing speed 900 rpm, 
followed by 425°C, 60 min, mixing speed 900 rpm. Errors are expressed in term of standard deviation for triplicate 
experiments as follows: coke wt % ±0.2, liquid wt % ± 0.24, gases wt % ±0.46, asphaltene wt % ±0.8, middle distillate (177-
343 °C) wt % ±0.3, light naphtha (IBP-177 °C) wt % ±0.4, gas oil (343-525 °C) wt% ± 0.5, API° ±0.28, viscosity  ±1.5, 
HDS%  ±0.4, metal HDM% ±0.31, N wt% ±0.03. 
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Table  5.1 shows that the coke yield reduced to 6.76 wt% for Fe2O3 (≤ 50 nm) and to 6.64 
wt% for Fe2O3 (≤ 5 µm) relative to 12 wt % for thermal upgrading.  In addition, the amount 
of middle distillate fractions increased to 47 wt % for both Fe2O3 (≤ 50 nm) and Fe2O3 (≤5 
µm) relative to the 28 wt % feedstock.  It is well known that the particle suspension 
proportional to speed of mixing (Raghava Rao et al., 1988; Myers et al., 1994).  In other 
words, both Fe2O3 (≤ 50 nm) and Fe2O3 (≤5 µm) could be suspended adequately at the high 
mixing speed of 900 rpm as 500 rpm was found as the optimum mixing speed by (Hart et al., 
2015), for the same feedstock and reactor, hence the effect particle size could be neglected 
during heavy oil upgrading at high agitation.  However, particle sizes greater than the micro 
scale were not investigated. 
5.4 Effect of molybdenum-based dispersed catalysts 
Table  5.2 shows the performance of molybdenum-based catalysts in terms of product 
distribution, physical properties and product quality.  From Table  5.2, thermal upgrading (in 
the absence of catalysts) gave a very high amount of coke and gas, and relatively low 
amounts of liquid and asphaltene.  The product distributions after thermal cracking are as 
follows: coke (12 wt %), gas (12 wt %), liquid (76 wt %) and asphaltene (4.5 wt %).  The 
distilled fractions distribution of the produced oil after thermal cracking were 25 wt % (light 
naphtha), 43 wt % (middle distillate) and 32 wt % ( heavy fractions 343 °C+), relative to 0.68 
wt % (light naphtha), 28.18 wt % (middle distillate) and 71.6 wt % % ( heavy fractions 343 
°C+),  in the feed oil.  It can be observed that while both light naphtha and middle distillate 
fractions of the produced oil increased, the gas oil fraction reduced after thermal upgrading.  
The results are in agreement with previous work on thermal upgrading of heavy oil (Carrillo 
and Corredor, 2013; Castañeda et al., 2012).  
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Table  5.2.  Effect of molybdenum -based catalysts on product distribution, physical 
properties and product quality a. (Feedstock: API 12.8°, Viscosity 1482 cP, C5-aphaltene 14 
wt%, 0.68 wt% (IBP-177 °C), 28.18 wt% (177-343 °C), 71.6  wt% 343 °C+, 3.09 wt% 
sulphur , 0.0132 wt% (Ni+V)). 
Catalysts type /size Non MoS2 (≤ 2 µm) MoO3 (≤ 100 nm) 
Product distribution (wt%) 
Coke  12 4.35 5.9 
Liquid  76 85.84 83.81 
Gas  12 9.81 10.29 
C5-aphaltene  4.5 9.55 7.24 
SIMDIST Boiling point distribution of produced liquid  (wt %)  
(IBP-177 °C) 25 17 21 
(177-343 °C) 43 50 49 
(343 °C+) 32 33 30 
Physical properties of produced liquid 
API gravity at 15 °C 
Viscosity (cP) at 20 °C 
24 
53.54 
20 
142.38 
21 
102.77 
Product quality removal % of produced liquid 
HDS   
HDM  
N (wt %) 
43.92 
85.67 
0.25 
30.55 
47.33 
0.05 
37.08 
68.89 
0.2 
 
a Reaction conditions: two steps: 410°C, 50 min, metal loading 0.1 wt %, H2 initial pressure 50 bar, mixing speed 900 rpm, 
followed by 425°C, 60 min, mixing speed 900 rpm. Errors are expressed in terms of standard deviation for triplicate 
experiments as follows: coke wt % ±0.15, liquid wt % ± 0.35, gases wt % ±0.45, asphaltene wt % ±0.75, middle distillate 
(177-343 °C) wt % ±0.25, light naphtha (IBP-177 °C) wt % ±0.45, gas oil (343-525 °C) wt% ± 0.55, API° ±0.18, viscosity  
±2, HDS%  ±0.55, metal HDM% ±0.31, N wt% ±0.01. 
 
It is well known that thermal energy is responsible for the cleavage of C-C and C-
heteroatom bonds, and in the absence of active catalysts the condensation and aromatization 
reactions between free-radicals are favoured, which are thought to be responsible for high 
amounts of coke and gas, as well as a relatively low amount of liquid collected compared to 
that observed upon the addition of an unsupported catalyst (Reyniers et al., 1994; Towfighi et 
al., 2002).  At high reaction temperature, such as 425 ˚C, the solubility of asphaltene 
decreases because of the increase in aromatization by removing aliphatic side chains and 
hydrogenating maltenes (e.g., saturates and aromatics).  As a result, the maltenes tend to be 
more aliphatic, causing precipitation and agglomeration of asphaltene due to their insolubility 
in aliphatic hydrocarbons (Gawel et al., 2005; Spiecker et al., 2003; Bartholdy et al., 2001; 
Bartholdy and Andersen, 2000).  The lower content of asphaltene in the produced oil and 
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high yield of coke after thermal upgrading of heavy oil confirmed that large amounts of 
asphaltene were deposited (Table  5.2). 
On the other hand, from Table  5.2, it can be observed that both molybdenum (IV) sulphide 
(MoS2) and molybdenum (VI) oxide (MoO3) dispersed catalysts suppressed coke formation, 
controlled gas production and relatively increased the amount of liquid and asphaltene in the 
produced oil.  However, MoS2 showed better activity than MoO3 for heavy oil upgrading in 
terms of product distribution, where the produced coke was 4.3 wt % (MoS2) and 5.9 wt % 
(MoO3), and gas was 9.56 wt % (MoS2) and 10.29 wt % (MoO3).  the liquid yield and 
asphaltene amount increased to 85.84 wt % and 9.55 wt % for MoS2 and 83.81 wt % and 7.24 
wt % for MoO3 respectively relative to 76 wt % and 4.5 wt % in thermal upgrading.  The 
observed lower asphaltene after thermal cracking relative to dispersed unsupported 
molybdenum catalysts can be attributed to the high carbon-rejection caused by high 
asphaltene deposition during thermal cracking (Gawel et al., 2005; Bartholdy et al., 2001; 
Bartholdy and Andersen, 2000; Gray, 1994).  Furthermore, the particles lack the cracking 
functionality as they are unsupported, hence the upgrading is mainly by free radical 
mechanism with the unsupported catalyst particles aiding hydrogen uptake.  Based on the 
distilled fractions, it can be noticed that the presence of molybdenum-based catalysts 
increased the amount of valuable middle distillate, while the light naphtha fraction decreased 
relative to thermal cracking without catalyst addition (see Table  5.2).  
A similar level of upgrading in terms of product distribution was observed for Mo-based 
dispersed catalysts and reported in the literature (Rankel, 1994; Weissman, 1997; Bockrath et 
al., 1998; Castañeda et al., 2012).  Also, in the hydroconversion investigation of Cold Lake 
vacuum residue at 415−445°C, 13.8 MPa, and a reaction time of 1 hour, Rezaei et al. (2012) 
found that utilizing MoS2 suppressed coke formation from 22 wt % in the absence of 
catalysts (i.e., thermal cracking) to 4.8 wt % in presence of 100 ppm of Mo (Rezaei et al., 
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2012).  This significant suppression of coke formation could be attributed mainly to hydrogen 
uptake, which is a major function of the unsupported catalyst particles (Breysse et al., 2002). 
The hexagonal coordination exhibited by unsupported MoS2 contributed to its activity 
(Kasztelan and McGarvey, 1994; McGarvey and Kasztelan, 1994; Breysse et al., 2002). 
During hydro-processing reactions, the corner and edge occupied by sulphur ions in MoS2 
could be easily inter-changed with hydrogen.  As a result, unsaturated sites and sulphur ion 
vacancies formed which exhibit Lewis acid characteristics and active sites for H2.  The 
activation of H2 on the surface of the catalyst particles, therefore form Mo-H and S-H 
moieties which helped to decrease the rate of condensation and aromatization reactions by 
hydrogenated free radicals (Breysse and Kasztelan, 2002; Breysse et al., 2002; Sun et al., 
2004).  As a consequence, the following was observed upon the addition unsupported Mo-
based particles to the heavy oil upgrading: (1) suppression of coke formation; (2) control of 
gas formation; and (3) improvement of production of the middle distillate fraction. 
Table  5.2 also shows the effect of Mo-based catalysts on physical properties as well as 
product quality.  High viscosity and low API gravity causes  major problems during the 
extraction and transportation process (Omole et al., 1999).  Low API gravity and high 
viscosity for heavy oil could be attributed to high average molecular weight fractions (such as 
asphaltene) and the interaction strength between molecules (Wu et al., 2010; Argillier et al., 
2002; Altgelt and Harle, 1975).  An increase in temperature accelerates the rate of major 
reactions occurring in the slurry environment such as free-radical formation from C-C and C-
heteroatom bond cleavage (Hart et al., 2014; Zhang et al., 2012; Weitkamp, 2012).  As a 
consequence of molecular bond cleavage and the rupture of ring structures of heavy oil gas, 
coke and large numbers of smaller and less viscous products form (Wu et al., 2010; Omole et 
al., 1999). 
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The experiment on thermal upgrading of heavy oil has demonstrated that the viscosity falls 
drastically to 54 cP and API gravity increases to 24° relative to 1482 cP and 12.8° for the 
feed oil.  On the other hand, it has been noticed that the produced oil after upgrading with 
Mo-based dispersed catalysts (MoS2 and MoO3) did not have the same level of improvements 
in both API gravity and viscosity as observed with thermal upgrading.  The API gravity and 
viscosity were observed to be 20˚ and 142.38 cP for MoS2, and 21.3˚ and 99.9 cP for MoO3 
respectively.  Nevertheless, Hart et al. (2015) found 8.7˚ points increase in API gravity with 
ultradispersed Co-Mo/Al2O3 against 6.6˚ points increase with thermal cracking (Hart et al., 
2015).  The difference is that their catalyst (Co-Mo/Al2O3) possesses bifunctionality i.e., 
cracking by the alumina support and hydrogenation by the dispersed Co-Mo.  It has also been 
reported in the literature (Wu et al., 2010; Luo and Gu, 2007; Hongfu et al., 2002; Gray, 
1994; Rhoe and Deblignieres, 1979) that unsupported catalysts such as those used in this 
study (e.g. MoS2) are not bifunctional in nature; as they do not promote cracking of C-C and 
C-heteroatom bonds by the acidic sites as present on zeolites and alumina.  Further cracking 
was not therefore experienced with the addition of the unsupported catalyst as the main 
mechanism of upgrading is by free radical driven temperature.  The unsupported catalyst 
performed hydrogenation which helped to stabilize asphaltene in the reaction medium 
explaining the decreased of API gravity as well as the higher viscosity relative to thermal 
cracking (Gawel et al., 2005; Dealy, 1979). This is again consistent with the high asphaltene 
content of the produced oil after upgrading with unsupported catalysts compared to thermal 
cracking.  
In order to evaluate the performance of Mo-based catalysts, the product quality in terms of 
sulphur, nitrogen and metal removal was investigated and is presented in Table  5.2.  It can be 
seen from Table  5.2 that the extent of hydrodesulphurization (HDS) and hydrodemetallization 
(HDM) is directly proportional to coke yield.  This is because the sulphur and metals are 
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associated with macromolecules such as resins and asphaltenes which are the main 
contributors to coke formation.  In the absence of the unsupported catalysts, the HDS and 
HDM was 43.92% and 85.67%, respectively.  However, in the presence of dispersed 
unsupported catalysts, the HDS and HDM reduced to 30.55% and 47.33% for MoS2, and 
37.08% and 68.89 % for MoO3.  This observation is because of the high coke observed with 
thermal cracking. It is known that hydrogen plays a key role in HDM reactions (Reynolds, 
1991; Mitchell and Scott, 1990; Mitchell, 1990).  Panariti et al (2000a) observed that a high 
initial hydrogen pressure (160 bar) strongly affected metal removal during heavy oil 
upgrading using unsupported MoS2 (Panariti et al., 2000a).  In the presence of hydrogen, 
organometallic molecules decompose quite easily giving rise to insoluble metal sulfide.  In 
another study conducted by Panariti et al. (2000b) showed that HDS is not affected much by 
a high initial H2 pressure; however HDS was significantly improved at a high level of catalyst 
loading (Panariti et al., 2000b).  The above findings indicate that the breaking of the C-
heteroatom bond is mainly controlled by temperature to overcome the bond energy.  In 
addition, the presence of highly active unsupported catalysts can help in stabilizing 
macromolecules such as asphaltene which act as stores for the sulphur and metals (Ni + V) in 
the reaction medium (Gawel et al., 2005; Bartholdy et al., 2001).  Notably, the level of HDM 
was higher than HDS, because the concentration of sulphur in the feed oil was higher than the 
metals, and also, while metals are associated mainly with macromolecules such as 
asphaltenes, sulphur can exist as sulfide, disulphide and thiol.  
The nitrogen content increased to 0.25 wt % and 0.2 wt % for thermal upgrading and MoO3 
respectively.  These results are consistent with the literature, where  (Gray et al., 1989)) 
reported that nitrogen compounds such as pyrroles are much less reactive which can lead to 
the accumulation of nitrogen compounds during the upgrading process.  However, MoS2 
reduced the nitrogen amount by 46% to below 0.08 wt % in feed oil.  Under hydroconversion 
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conditions, MoS2 catalysts can form unsaturated sites and sulphur ion vacancies.  These have 
Lewis acid characteristics which could adsorb molecules with unpaired electrons (e.g. N-
bases) in the feed oil (Breysse et al., 2002).  In summary, molybdenum-based dispersed 
catalysts inhibit coke formation, as well as boost production of middle distillate, during heavy 
oil upgrading by activating the hydrogenation reactions. However, MoS2 and MoO3 catalysts 
show different levels of upgrading in terms of product distribution, physical properties, and 
product quality. It has been observed (Li et al., 2004; Nath et al., 2001; Wilcoxon et al., 1997; 
Feldman et al., 1995; Ren et al., 2004) that the transformation of MoO3 to the active phase 
(MoS2) during the heating and reaction stage could be affected by a reducing atmosphere 
such as temperature and sulphur content. Feldman et al. (1995) and Nath et al. (2001) 
reported that if the reduction atmosphere is not sufficient it could lead to the formation of an 
associate intermediate such as MoO2-xSx, which is less active in comparison to MoS2 (Nath et 
al., 2001; Feldman et al., 1995).  This is the reason for the better performance of MoS2 over 
MoO3. 
5.5 Effect of iron-based dispersed catalysts 
Pyrite (FeS2), troilite (FeS) and pyrrhotite (Fe1-xS) are the most common iron sulphides and 
among all of these, the most active form is pyrrhotite (Fe1-xS) (Kaneko et al., 1998; Shah et 
al., 1996; Nakao et al., 1984).  Under hydroprocessing conditions, iron oxide (i.e.Fe2O3) can 
be converted to the sulphide form via the reaction with sulphur in heavy oil as shown in 
Figure  5.1 and 5.2.  Hydrogen molecules are believed to be activated due to sulphur deficient 
sites in iron sulphide catalysts (Mochida et al., 1998).  The active hydrogen can help in 
terminating condensation and polymerization reactions between free radicals. As a 
consequence, valuable products, such as middle distillate increased and coke formation was 
inhibited in comparison to thermal cracking.  
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Table  5.3 shows the activity of Fe-based dispersed catalysts on heavy oil upgrading in 
terms of product distribution, product quality and physical properties. It has been shown in 
Section  5.3 and Table  5.1 that unsupported Fe-based catalysts give similar levels of 
upgrading at 900 rpm under the same experimental conditions. The coke reduced from 12 
wt% for thermal cracking without catalyst to 8.28 wt% for FeS and 6.79 wt% for Fe2O3. In 
addition, the produced gas yields were 9.59 wt% for FeS and 10.72 wt % for Fe2O3. Also, in 
comparison to thermal upgrading, an increase was observed for the liquid amount at 81.9 
wt% for FeS and at 82.48 wt% for Fe2O3, respectively. 
Table  5.3.  Effect of iron-based catalysts on product distribution, physical properties and 
product quality a. (Feedstock: API 12.8°, Viscosity 1482 cP, C5-aphaltene 14 wt%, 0.68 wt% 
(IBP-177 °C), 28.18 wt% (177-343 °C), 71.6  wt% 343 °C+, 3.09 wt% sulphur , 0.0132 wt% 
(Ni+V)). 
Catalysts type /size  Non Fe2O3 (≤ 50 nm) FeS (≤ 140 µm) 
Product distribution (wt%) 
Coke  12 6.79 8.28 
Liquid  76 82.48 81.9 
Gas  12 10.72 9.83 
C5-aphaltene  4.5 10 7.26 
SIMDIST Boiling point distribution of produced liquid (wt %) 
(IBP-177 °C) 25 21 24 
(177-343 °C) 43 47 48 
(343°C+) 32 32 28 
Physical properties of produced liquid 
API gravity at 15 °C 
Viscosity (cP) at 20 °C 
24 
53.54 
21 
105.75 
21 
102.77 
Product quality removal % of produced liquid 
HDS  
HDM  
N  (wt% ) 
43.92 
85.67 
0.25 
37.54 
69.38 
0.14 
39.57 
75.18 
0.2 
 
a Reaction conditions: two steps:410°C, 50 min, metal loading 0.1 wt %, H2 initial pressure 50 bar, mixing speed 900 rpm, 
followed by 425°C, 60 min, mixing speed 900 rpm. Errors arre expressed in terms of standard deviation for triplicate 
experiments as follows: coke wt % ±0.3, liquid wt % ± 0.19, gases wt % ±0.6, asphaltene wt % ±0.85, middle distillate (177-
343 °C) wt % ±0.4, light naphtha (IBP-177 °C) wt % ±0.35, gas oil (343-525 °C) wt% ± 0.45, API° ±0.28, viscosity  ±2, 
HDS%  ±0.65, metal HDM% ±0.38, N wt% ±0.02. 
 
The distilled fractions from the SimDist analysis showed the following: light naphtha 
(24 wt %), middle distillate (48 wt %) and heavy fractions (343 °C+) (28 wt %) for FeS.  
However, for Fe2O3 the distillate fraction increased to 47 wt %, the light naphtha fraction 
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reduced to 21 wt %, and the heavy fractions (343 °C+),  stayed constant at 32 wt %.  These 
results are in line with the literature, where similar observations have been reported 
(Vasireddy et al., 2011; Kaneko et al., 2000; Kaneko et al., 1998).  It was observed that the 
asphaltene amount in the produced oil was 7.26 wt % for FeS and 10 wt % for Fe2O3, relative 
to 4.5 wt % in thermal upgrading.  This finding is consistent with the observation for MoS2 
and MoO3 discussed in Section  5.4. 
Table  5.3 shows the performance of Fe-based catalysts in terms of physical properties 
and product quality.  As expected, the results did not show further improvement in terms of 
physical properties or product quality when using Fe-based catalyst relative to thermal 
upgrading.  However, coke formation was suppressed significantly by 43.4% (Fe2O3) and 
31.1% (FeS) which is in line with that observed with Mo-based catalysts.  An API gravity of 
21° and a viscosity of 102.77 ± 2 cP were observed for produced oil with FeS and Fe2O3 
relative to 24° and 53 cP achieved with thermal upgrading. In addition, the extent of sulphur 
(HDS) and metal (HDM) removal was respectively 39.57 % and 75.18% for FeS and 37.5% 
and 69.4% for Fe2O3. While FeS showed slightly higher HDS activity compared to Fe2O3, the 
reverse was the case for HDM.  The trend is similar to that reported in Section 3.3 and the 
HDM is consistent with coke yield (Table  5.3).  However, Fe-based unsupported catalysts 
showed similar behaviour to MoO3 in terms of removal of nitrogen.  The nitrogen content 
was 0.2 wt % (FeS) and 0.14 wt % (Fe2O3), respectively and these results are similar to those 
of Gray et al. (Gray et al., 1989). 
The observed overall performance of Fe-based catalysts was similar to Mo-based 
counterparts in terms of API gravity, viscosity, distillate fractions, HDS and HDM; however, 
Mo-based unsupported catalysts showed higher activity in suppressing coke formation.  
These results show the effectiveness of Fe-based unsupported catalysts as an attractive and 
alternative choice for in situ heavy oil upgrading when cost and availability are considered. 
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5.6 Effect of nickel-based catalysts 
It has been shown that unsupported metal oxide catalysts are converted to their sulphide 
form during heating and reaction (see Section 5.2), and also the performance of oxide and 
sulphide forms were approximately similar (Sections  5.4 and  5.5). 
Table  5.4 shows the performance of nickel-based catalysts in terms of product distribution, 
physical properties and product quality.  It can be seen that NiO-dispersed catalysts gave a 
low amount of coke, a moderate amount of gas and a relatively high amount of liquid and 
asphaltene.  
Table  5.4.  Effect of Nickel-based catalysts on product distribution, physical properties and 
product quality a. (Feedstock: API 12.8°, Viscosity 1482 cP, C5-aphaltene 14 wt%, 0.68 wt% 
(IBP-177 °C), 28.18 wt% (177-343 °C), 71.6  wt% 343 °C+, 3.09 wt% sulphur , 0.0132 wt% 
(Ni+V)). 
Catalysts type /size Non NiO (≤ 50 nm) 
Product distribution (wt%) 
Coke  12 5.76 
Liquid  76 84.64 
Gas  12 9.59 
C5-aphaltene  4.5 8.58 
SIMDIST Boiling point distribution of produced liquid (wt %) 
(IBP-177 °C) 25 21 
(177-343 °C) 43 49 
(343 °C+) 32 30 
Physical properties of produced liquid 
API gravity at 15 °C 
Viscosity (cP) at 20 °C 
24 
53.54 
22.4 
74.12 
Product quality removal % of produced liquid 
HDS   
HDM  
N  (wt% ) 
43.92 
85.67 
0.25 
35.08 
65.37 
0.14 
 
a Reaction conditions: two steps: 410°C, 50 min, metal loading 0.1 wt %, H2 initial pressure 50 bar, mixing speed 900 rpm, 
followed by 425°C, 60 min, mixing speed 900 rpm. Errors are expressed in terms of standard deviation for triplicate 
experiments as follows: coke wt % ±0.17, liquid wt % ± 0.36, gases wt % ±0.5, asphaltene wt % ±0.67, middle distillate 
(177-343 °C) wt % ±0.23, light naphtha (IBP-177 °C) wt % ±0.54, gas oil (343-525 °C) wt% ± 0.25, API° ±0.3, viscosity  
±2.7, HDS%  ±0.35, metal HDM% ±0.45, N wt% ±0.02. 
 
 
 
Chapter 5: Effectiveness of Different Transition Metal Dispersed Catalysts for In-situ Heavy Oil Upgrading 
111 
 
The product distributions achieved are as follows: coke (5.8 wt %), gas (9.5 wt %), liquid 
(84.6 wt %), and asphaltene (8.6 wt %), respectively.  Notably, both light naphtha and the 
middle distillate fraction increased, while the heavy fractions (343 °C+), reduced in 
comparison to thermal upgrading.  The coke yield was reduced remarkably in a similar 
manner to that of the Mo unsupported catalyst. Zhang et al. (2007) reported that coke yield is 
significantly inhibited using dispersed nickel catalysts at 425°C, 6 MPa, Ni loading 300 
(µg/g) and a reaction time of 1 hour during residue hydrocracking (Zhang et al., 2007).  This 
is because the active metals (Ni, Mo or Fe) help in moderating the rate of free radical 
propagation via β-scission reactions by incorporating hydrogen to the cracked active 
hydrocarbon fragments during heavy oil upgrading (Peureux et al., 1995; Weitkamp, 2012).  
This would explain the reduction in coke formation as well as the increase in liquid amount 
during hydroconversion in the presence of unsupported metal catalysts (Shuyi et al., 2008; 
Sanford, 1995).  The distillate fractions of the produced oil after upgrading with unsupported 
Ni catalyst were 21 wt % (light naphtha), 49 wt % (middle distillate) and 30 wt % heavy 
fractions (343 °C+) .  These results are in agreement with the literature (Zhang et al., 2007; 
Panariti et al., 2000a). 
From Table  5.4 it can be observed that the upgraded oil with Ni catalyst produced more 
middle distillate than that achieved with thermal cracking; however, a reverse trend was seen 
for the naphtha fraction, while gas oil is similar within a marginal error of ±0.3% (standard 
deviation).  
The upgraded oil after experiments with NiO particles achieved a viscosity value of 74.12 
cP and an API gravity increase to 22.4˚ relative to 1482 cP and 12.8˚ for the feed oil. 
However, in comparison to thermal upgrading, the results did not show higher improvement 
in API gravity and viscosity (see Table  5.4 ).  This is consistent with previous observation on 
the use of Mo and Fe unsupported catalysts discussed in sections  5.4 and 5.5.  The low API 
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gravity and high viscosity of produced oil after upgrading with Ni catalyst can be attributed 
to the high average molecular weight fractions (such as asphaltene) and the interaction 
strength between molecules (Wu et al., 2010; Argillier et al., 2002; Altgelt and Harle, 1975). 
The absence in cracking functionality of the unsupported metal particles contributed to this 
observation. 
Table  5.4 also shows the effect of nickel oxide (NiO) dispersed catalysts on the removal of 
sulphur, metal and nitrogen.  The immediate evaluation showed no further improvement in 
comparison to thermal upgrading.  The HDS and HDM obtained was 35.1% and 65.4% 
respectively for NiO in comparison to 43.9% and 85.7 % for thermal upgrading.  It has been 
reported that the breaking of the C-heteroatoms bond is mainly controlled by temperature 
(Sahu et al., 2015; Shuyi et al., 2008).  In addition under reaction conditions Ni-based 
catalysts could be converted to sulphide phase (NiS, Ni3S4) (Shuyi et al., 2008; Liu et al., 
2010).  Nickel-based catalysts in their sulphide form are considered to be highly active for 
hydrogen activation and therefore, hydrogenating free radicals during heavy oil upgrading (Li 
et al., 2004).  In terms of nitrogen removal, Ni-based catalysts showed similar behaviour to 
MoO3 and Fe2O3.  The nitrogen content increased to 0.14 wt % for NiO relative to 0.08 wt % 
in the feed oil. A detailed explanation has been provided in Sections  5.4and  5.5.  However, 
NiO has very similar activity effectiveness in comparison to the metal oxides of Mo and Fe. 
It has been reported in the literature that each barrel of bitumen produced by thermal 
production methods (e.g. SAGD, CSS), requires between 1.0 to 1.1 tonnes cubic feet (tcf) of 
natural gas, based on a dry steam-to-oil ratio.  Additionally, the supply costs which are stated 
as a range, reflecting variables such as: reservoir quality, depth of the producing formation, 
recovery method and operating parameters has been reported as follows: (1) Cyclic Steam 
Stimulation (CSS) from 20 to 24 $ per barrel (2) Steam Assisted Gravity Drainage (SAGD) 
from 18 to 22 $ per barrel (Board, 2006; Meyer and Attanasi, 2004). In comparison to SAGD 
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and CSS, using the THAI method could help to further reduce the supply cost to less than $18  
per barrel, since the THAI process uses little natural gas and water to produce an upgraded oil 
product which meets the requirement of pipeline transportation without diluents. Moreover, 
The CAPRI/THAI is a technique to further boost the upgrading arising from the pyrolysis of 
heavy oil (Dim et al., 2015) which offers the prospect of both enhancing recovery, and 
decreasing cost for a surface upgrading facility.  In situ catalytic upgrading involves the use 
of the reservoir as a reactor, which offers cost, energy and environmental benefits as it 
utilizes heat energy from in situ combustion to drive the catalysis, most of the impurities such 
as sulfur, vanadium, iron, and nickel are left behind in the reservoir, thus lowering the 
environmental footprint and impact on downstream refining processes, and reduces the cost 
of diluents to improve pipeline transport (Hart et al., 2014; Hoshyargar and Ashrafizadeh, 
2013; Hashemi et al., 2013). 
5.7 Effect of dispersed catalysts on formed coke 
High amounts of coke formed during thermal processes can be stimulated.  There is a body 
of research directed to increase coke market value in order to use for  applications such as 
industrial fuel or making anodes for aluminium manufacturing (Termeer, 2013; Ellis et al., 
1998).  A morphological investigation was conducted on coke samples obtained from thermal 
and unsupported catalytic upgrading in order to identify the coke quality and type.  
Figure  5.3 (a) and (b) show the SEM photomicrographs of coke recovered after thermal 
upgrading.  It can be observed that the coke texture is characterised by a smooth and concave 
surface (see position x in Figure  5.3 (a)) with no evidence of holes.  From a morphological 
standpoint, the coke produced by thermal upgrading could be classified as shot-coke type, 
and other researchers have made similar observations in the literature (Kelemen et al., 2007; 
Siskin et al., 2006; Elliott, 2000). 
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Figure  5.3.  SEM photomicrograph of recovered coke from thermal upgrading.  For reaction 
conditions see Table  5.2. 
 
In addition, it has been reported that the type of coke formed is mainly dependent on feed 
properties; in particular, high asphaltene and metal content leads to shot-type coke (Picón-
Hernández et al., 2008; Kelemen et al., 2007; Marsh et al., 1985).  This can also be affected 
by Low Temperature Oxidation (LTO), producing shiny, very hard, and more difficult to 
burn coke.  This therefore confirmed the high level of metal removal and low asphaltene 
content of the produced oil observed with thermal cracking (Table  5.1 and 5.2).  In a similar 
light, Picon-Hernandez et al. (2008) observed that shot-type coke from coking processes of 
feed oil has an asphaltene amount of 14 wt%, as well as 600 ppm of metal (Ni+V) content 
(Picón-Hernández et al., 2008).  The asphaltene stability in the oil mixture could be disturbed 
during thermal upgrading (Gawel et al., 2005), which could lead to precipitation of 
asphaltene and promote shot-type coke formation (Siskin et al., 2006).  The asphaltene and 
metal content of  the feed oil used in this study was 14 wt% and 0.0132 wt% (132 ppm) 
previously  shown in Table 3.3 , which has the tendency to form shot–type coke. Shot-type 
coke is low in economic value and consists of individual particles that are spherical to 
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slightly ellipsoidal, with average diameters of about 1-4 mm (Siskin et al., 2006). 
Nevertheless, understanding feed properties as well as controlling upgrading reaction 
conditions can help in minimizing low value coke (shot-type coke) and in producing more 
economically valuable coke types (Elliott, 2000). 
Figure  5.4 and 5.5 show the SEM photomicrographs for the coke recovered after upgrading 
using dispersed unsupported catalysts MoS2 and Fe2O3, respectively; for reaction conditions 
see Table  5.2 and 5.3.  Similar micrographs were obtained for NiO, MoO3, and FeS catalysts 
are presented in Appendix A. 
 
Figure  5.4.  SEM photomicrograph of recovered coke from catalytic upgrading MoS2. 
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Figure  5.5.  SEM photomicrograph of recovered coke from catalytic upgrading Fe2O3. 
 
It is clear from Figure  5.4 and 5.5 that the coke texture is characterised by a highly porous 
microstructure with a wide variety of pore sizes.  From a morphological standpoint, the coke 
produced after upgrading reactions using unsupported metals catalysts such as MoS2 and 
Fe2O3 can be classified as sponge-type coke. Similar observations have been reported 
elsewhere (Picón-Hernández et al., 2008; Marsh et al., 1985).  Sponge-type coke is named for 
its sponge-like appearance with different sized pores and bubbles in the coke matrix. 
Compared to shot-type coke observed for coke produced after thermal cracking (Figure  5.3), 
sponge-type coke has a higher economic value with a high potential to be used as fuel (Ellis 
et al., 1998).  It was observed that the asphaltene content in feed oil is the main factor 
responsible for shot-type coke versus sponge-type coke formation in delayed cokers (Siskin 
et al., 2006; Ellis et al., 1998; Marsh et al., 1985).  Moreover, Picon-Hernandez et al. (2008) 
observed sponge-type coke from coking processes of feed oil, which moderated asphaltene 
and metal (Ni+V) content (Picón-Hernández et al., 2008).  It can therefore be confirmed that 
the active metal (Ni, Mo or Fe) actually helped in controlling the rate of  addition reactions 
between free radicals during heavy oil upgrading by promoting hydrogen uptake by the 
cracked active hydrocarbon fragments (Peureux et al., 1995; Weitkamp, 2012).  This 
stabilizes the asphaltene in the oil mixture, and explains the formation of sponge-type coke 
during catalytic upgrading with MoS2 and Fe2O3.  Furthermore, sponge type cokes are porous 
lumps which are surrounding by relatively thin walls with no interconnection between pores 
(Reis, 1975; Jakob, 1971).  In the reservoir the flow of upgraded oil could crack and convey 
sponge-type coke to the production well and to the surface because of its physical 
appearance. Coke lay down ahead of the combustion front during the THAI process acts as 
fuel for the process.  
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6 Chapter 6 
Coke Suppression by Different Hydrogen Sources during 
In-Situ Upgrading of Heavy oil via Dispersed Nanocatalyst  
6.1 Introduction 
This chapter is devoted to investigate effects of different hydrogen sources (methane, 
steam) instead of hydrogen in the presence and absence of unsupported dispersed catalyst 
(Fe2O3 ≤ 50 nm) for in situ heavy oil upgrading.  The performance of methane and steam 
with and without Fe2O3 were investigated in term of product distribution (i.e., liquid, gas and 
coke) and (naphtha, middle distillate and gas oil fractions), physical properties (i.e., API 
gravity and viscosity) and product quality (i.e., sulphur, metals and nitrogen contents) and 
evaluated against that achieved with heavy oil reaction under H2 with and without the 
addition of Fe2O3.  Also, effect of tetralin with and without dispersed catalysts were studied 
using the same reactor and compare with upgrading reaction achieved under different 
hydrogen sources with and without Fe2O3.  Additionally, the effect of different hydrogen 
sources and tetralin with and without Fe2O3 on the type and quality of produced coke from 
the upgrading reactions is studied using Scanning Electron Microscope (SEM). 
6.2 Effect of different hydrogen sources 
Table  6.1 shows the effect of different hydrogen sources on heavy oil upgrading in the 
presence and absence of unsupported Fe2O3 NPs in terms of product distribution, physical 
properties and product quality.   
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Table  6.1.  Effect of different hydrogen sources on heavy oil upgrading a. (Feedstock: API 12.8°, Viscosity 1482 cP, C5-aphaltene 14 wt%, 0.68 
wt% (IBP-177 °C), 28.18 wt% (177-343 °C), 71.6  wt% 343 °C+, 3.09 wt% sulphur , 0.0132 wt% (Ni+V)). 
Gas (Catalyst) 
Product distribution (wt %) 
SIMDIST Boiling point distribution 
of produced liquid(wt %) 
Physical properties Product quality (wt %) 
Coke Liquid Gas C5-aphaltene 
 (IB
P
-177 °C
) 
 (177-343 °C
) 
 (343°C
+
) 
API gravity° 
15 °C 
 
Viscosity 
(cP) 
20 °C 
Sulphur 
 
Metal 
(Ni+V) 
N2 (non) 
b 11.00 76.00 13.00 5.50 26 45 29 22.4 74.12 2.30 0.0031 
H2 (non) 12.00 76.00 12.00 4.50 25 43 32 24.0 53.54 2.29 0.0025 
CH4 (non) 7.16 80.57 12.28 15.43 21 30 49 21.4 112.00 2.39 0.0029 
H2O (non)
C 7.32 78.42 14.26 14.89 26 42 32 19.3 254.60 2.45 0.0042 
H2 (Fe2O3) 6.79 82.48 10.72 10.00 21 47 32 21.0 102.77 2.34 0.0049 
CH4 (Fe2O3) 6.19 81.09 12.72 16.01 24 33 43 22.5 72.00 2.42 0.0028 
H2O (Fe2O3)
C 7.48 78.85 13.67 9.47 24 45 31 20.1 140.00 2.52 0.0030 
 
a Reaction conditions: two steps (410 °C, 50min, initial pressure 50 bar, Fe2O3 ≤ 50 nm loading 0.1 wt % , mixing speed 900 rpm followed by 425 °C, 60min, mixing speed 900 rpm). Errors 
were expressed in terms of standard deviation for triplicate experiments as follows: coke wt % ±0.35, liquid wt % ± 0.45, gases wt % ±0.6, asphaltene wt % ±1, middle distillate wt % ±1,light 
naphtha wt % ±1.5, gas oil wt% ± 1, API° ±0.3, viscosity  ±3, S%  ±0.02, metal (Ni+V) % ±0.0004, b control experiment, C water to oil ratio 0.11 (g/g), N2 was used to create desired initial 
pressure, non = no catalysts (thermal cracking). 
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It can be observed that the product distribution after upgrading of heavy oil in the 
absence of Fe2O3 NPs under N2 (control experiment) was 11 wt % (coke), 76 wt% (liquid), 13 
wt% (gas) and 5.5 wt% (asphaltene).  A similar activity in terms of product distribution has 
been noticed with an analogous reaction performed (in the absence of catalysts) under 
hydrogen gas (H2) instead of N2 at high reaction conditions.  This is because the reaction 
media influences the chemistry of the reaction while the C-C and C-heteroatom bonds 
cleavages are temperature dependent, hence, since the experimental temperature and 
conditions are the same this result is expected.  The product distribution results from heavy 
oil upgrading under methane gas (CH4) and steam (H2O) in the absence of catalysts, 
however showed lower coke formation as well as higher liquid and asphaltene yields, where 
the coke yield was 7.16 wt% for CH4 and 7.32 wt% for H2O relative to 11 wt% for the 
control experiment and 12 wt% for H2.  Also, from Table  6.1 it is clear that the liquid yield 
increased from 76 wt% for the control experiment under H2 to 80.57 wt% for CH4 and 78.42 
wt % for H2O. Furthermore, the amount of asphaltene significantly increased to 15.43 wt% 
for CH4 and 16.01 wt% for H2O compared to 4.5 wt% for H2 and 5.5 wt% for the control 
experiments (under N2). Hence, in the absence of catalysts the inhibition of coke formation in 
terms of hydrogen sources is as follows: CH4 > H2O> H2 ≥ N2. 
It can also be observed that in the presence of unsupported dispersed Fe2O3 NPs the  
inhibition of coke formation increased in terms of the hydrogen sources as follows: CH4 ≥ H2 
> H2O.  The coke yield reduced as follows: 6.19 wt% (CH4+ Fe2O3), 6.79 wt% (H2+ Fe2O3), 
and 7.48 wt% (H2O+ Fe2O3) relative to 7.19 wt% (CH4), 12 wt% (H2) and 7.32 wt % (H2O) 
without Fe2O3 NPs addition.  Furthermore, the liquid yield slightly increased as follows: 81.1 
wt% (CH4+ Fe2O3), 82.48 wt% (H2+ Fe2O3) and 78.85 wt% (H2O+ Fe2O3) compared to 80.57 
wt% (CH4), 76 wt % (H2) and 78.42 wt% (H2O) attained when Fe2O3 NPs were not added. 
The produced gas did not show further change, it remained within a narrow range of 10 -13 
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wt% for all hydrogen sources in the presence and absence of Fe2O3 NPs.  The amount of 
asphaltene in the produced upgraded oil samples significantly increased in the presence of 
Fe2O3 with H2 to 10 wt % relative to 4.5 wt % for H2 without the addition of NPs.  However, 
the asphaltene content was almost similar in the presence and absence of Fe2O3 with CH4 and 
H2O (see Table  6.1).  The results indicate that CH4 and H2O are active in terms of coke 
formation reduction under thermal and or catalytic upgrading and could be used as a source 
of hydrogen which is in agreement with the literature (Ovalles et al., 1998; Ovalles et al., 
2003). 
It has been reported that at reaction temperatures greater than 420 °C the free radical 
reaction mechanism initiated cracking C-C bonds and as a consequence free radicals (R•, 
where is alkyl group·) are generated and chain reactions are initiated (Petrakis and Grandy, 
1981; Neavel, 1976).  However, a long reaction time will promote cracking, secondary 
cracking of intermediates and greater yields of coke, light naphtha, middle distillate and gas. 
The free-radical reaction mechanism can lead to incorporating CH4 and H2O (in the absences 
of catalysts) into hydrocarbon molecules via production of methyl (CH3) and hydroxyl (OH) 
groups by R• (Ovalles et al., 1995; Dutta et al., 2000).  This may explain why the activity of 
CH4 and H2O in terms of coke reduction was more remarkable. Moreover, the sulphidation 
reaction between the dispersed catalysts and the sulphur contained in the heavy oil assisted in 
the formation of the NPs active phase, such as metallic sulphides (Liu et al., 2009; Ovalles et 
al., 2003).  This active phase activation can also be achieved by H2 and CH4 (Ovalles et al., 
2003; Egiebor and Gray, 1990).  The contribution of H2 and CH4 towards the activation of the 
NPs further explained the reduction in coke yield as well as the increase in produced 
upgraded liquid for H2+Fe2O3 and CH4+Fe2O3.  Furthermore, the observed lower asphaltene 
content after thermal upgrading under N2 and H2 (in the absence of catalyst) with respect to 
upgrading under CH4, H2O and upgrading reaction under CH4, H2O and H2 with dispersed 
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unsupported iron oxide catalysts can be attributed to the high carbon-rejection caused by high 
asphaltene deposition during thermal upgrading under N2 and H2 (Gawel et al., 2005; 
Bartholdy et al., 2001; Bartholdy and Andersen, 2000; Gray, 1994).  The reaction stages for 
upgrading under CH4 are as follows (Ovalles et al., 1995): 
Initiation: 
 − ª →	● + ª●         6.1 
Propagation: 
● + ! →  + !●         6.2 
!● +  − ª → ª!"!# + ●"ª●#      6.3 
Termination: 
● + !● → !          6.4 
!● + !● → !!         6.5 
● + ª● →  − ª          6.6 
where; 		ª are hydrocarbons 
 
The upgraded oil produced after heavy oil upgrading under N2 and different hydrogen 
sources in the presence and absence of Fe2O3 was analyzed and the distilled fractions 
distribution are also presented in Table  6.1.  It can be seen that the upgrading reaction in the 
absence of catalyst under N2, H2 and H2O has similar liquid distribution; however CH4 
notably shows a slightly higher amount of heavy fractions (343 °C+), .  The light naphtha 
fraction (IBP-177 °C) was approximately 25 wt% , middle distillate fraction (177-343°C) and 
the heavy fractions (343 °C+) remained within a narrow range between 43- 45 wt% and 29-
32 wt% for N2, H2 and H2O in comparison  to 21 wt% for the BP-177°C fraction, 30 w % for 
the 177-343°C fraction and 49 wt% for the heavy fractions (343 °C+) for CH4.  The 
upgrading reaction in the presence Fe2O3 under H2O and CH4 shows a similar trend with 
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upgrading  without catalysts, however, H2 with Fe2O3 showed a slight improvement in the 
177-343 °C fraction which increased to 47 wt% relative to 43 wt% for the control 
experiment.  The results confirmed that the hydrogen sources does not promote C-C bond 
cracking which is mainly controlled by reaction temperature, but may influence the reaction 
pathways.  The increased yield of the 177-343°C fractions for H2 + Fe2O3 could be attributed 
mainly to the capping of free radicals by hydrogen, which is a major function of the 
unsupported catalyst particles (Panariti et al., 2000a).  Furthermore, the increase in the 
amount of heavy fractions (343 °C+) in the reaction of CH4, and CH4 + Fe2O3 could be 
attributed to the methylation of aromatic rings by CH4 as well as cyclization and 
dehydrogenation reactions which may generate high boiling point aromatic derivatives 
(Egiebor and Gray, 1990; Giavarini and Vecchi, 1987) as follows: 
 
        
6.6 
 
 
            6.7 
 
6.8 
 
 
From Table  6.1, the effect of heavy oil upgrading under N2 (control experiment) and 
different hydrogen sources in the presence and absence of Fe2O3 on the API gravity and 
viscosity can be seen.  It can be observed in the absence of Fe2O3 the API gravity and 
viscosity increase for the hydrogen sources as follows: H2 > N2 > CH4 > H2O.  The respective 
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API gravities and viscosities were (24°, 54.53 cP) for H2, (22.4°, 74.12 cP) for N2, (21.4°,112 
cP) for CH4 and (19.3°, 254 cP) for H2O relative to (12.8,1482 cP) for the feed oil. On the 
other hand, it can be noticed that the produced oil after upgrading under H2, CH4 and H2O in 
the presence of dispersed catalysts (Fe2O3) did not show the same level of API gravity and 
viscosity improvement as observed by thermal upgrading without Fe2O3 using  the same 
hydrogen sources.  The API gravity was lower by approximately 2° relative to upgrading 
achieved without Fe2O3 under different hydrogen sources.  The viscosity reduced to 102.77 
cP (for H2+ Fe2O3), 72 cP (for CH4+Fe2O3) and 140 cP (for H2O+Fe2O3) relative to 1482 cP 
for the feed oil.  The increase in API gravity and the decrease of viscosity of produced 
upgraded oil can be attributed to cracking of high molecular weight fractions such as 
asphaltene (Wu et al., 2010; Argillier et al., 2002; Altgelt and Harle, 1975; Hart et al., 2014). 
As a consequence of the cleavage of molecular bonds and the rupture of aromatic rings gas, 
coke and a large number of smaller and less viscous products were produced (Wu et al., 
2010; Omole et al., 1999; Zhang et al., 2012).  It has also been reported in the literature (Wu 
et al., 2010; Luo and Gu, 2007; Hongfu et al., 2002; Gray, 1994; Rhoe and Deblignieres, 
1979) that unsupported catalysts such as that used in this study (e.g. Fe2O3) are not 
bifunctional in nature; they do not promote cracking of C-C and C-heteroatom bonds in 
contrast to zeolites and alumina which possess acid sites that support cracking.  Hence, the 
viscosity reduction and API gravity improvement is mainly controlled by thermal cracking 
and the presence of Fe2O3 with different hydrogen sources would not contribute to cracking. 
However, H2 + Fe2O3, CH4, CH4 + Fe2O3 and H2O are known to contribute towards 
hydrogenation reactions of free radicals (Watanabe et al., 2010; Dutta et al., 2000; Sahu et al., 
2015; Loser et al., 1989) which helped to stabilize asphaltene in the reaction medium and 
would explain the decrease of API gravity as well as the increased viscosity relative to 
thermal cracking (Gawel et al., 2005; Dealy, 1979).  This is consistent with the high 
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asphaltene content of the produced oil after upgrading with H2 + Fe2O3, CH4, CH4+Fe2O3 and 
H2O compare to thermal cracking under N2 and H2. 
In order to evaluate the effect of different hydrogen sources on heavy oil upgrading 
with and without dispersed catalyst the product quality of the upgraded oil was studied and 
the data are also presented in Table  6.1.  It can be noticed that the sulphur content of the 
produced upgraded oil samples from thermal upgrading under N2 (control experiment) and H2 
in the absence of Fe2O3 were 2.30 wt% and 2.29 wt%, respectively relative to 3.09 wt% in 
the fed oil.  However, upgrading reactions under CH4 and H2O without dispersed catalyst 
(Fe2O3) show a slight increase in the sulphur content relative to reaction with N2 and H2, 
where the sulphur content was 2.39 and 2.45 wt%, respectively.  The upgrading reaction 
under different hydrogen sources in the presence of Fe2O3 show a slight increase in the 
sulphur content with respect to upgrading under H2, CH4 and H2O (without Fe2O3).  The 
sulphur content was 2.34 wt % (H2 + Fe2O3), 2.42 wt% (CH4 + Fe2O3) and 2.52 wt% (H2O+ 
Fe2O3).  These results are in agreement with literature (Dutta et al., 2000; Gray, 1994), where 
noncatalytic desulphurization was achieved by the cleavage of the weak C-S bonds 
(compared to aromatic sulphur bonds) of aliphatic sulphides, and further increase in the 
sulphur due to upgrading with CH4, H2O, H2 + Fe2O3 , CH4 + Fe2O3 and H2O + Fe2O3 can be 
attributed to high asphaltene content in the produced upgraded oil as discussed in the 
previous paragraph.  In a similar manner, the metal content (Ni+V) followed a similar trend 
as the sulphur content where it can be noticed that the amount of metal (Ni+V) increased 
from 0.0025 wt% (H2) to 0.0049 wt% (H2 + Fe2O3). Higher asphaltene content was observed 
after upgrading heavy oil under CH4, H2O, H2 + Fe2O3, CH4 + Fe2O3 and H2O + Fe2O3 which 
would explain the increased metal content as they are associated mainly with macromolecules 
such as asphaltene and resins (Gawel et al., 2005; Bartholdy et al., 2001).  The C-hetroatoms 
cleavage is mainly controlled by the reaction temperature while the hydrogen source 
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influence the reaction pathways, however, the addition of the dispersed NPs catalysts did not 
show further reduction in sulphur and metal content. 
6.2.1 Effect of tetralin 
After the upgrading reactions tetralin and upgraded oil formed a homogeneous mixture 
making it difficult to separate compound by the high boiling point of tetralin (207°C at 1 
atm).  Separation of tetralin from the produced upgraded oil will affect the composition of the 
upgraded oil since some hydrocarbons would evaporate in the process. Therefore, the 
physical properties (API° gravity and viscosity) reported here are those of the produced 
mixture (upgraded oil and tetralin).  Also, the reported data points on the following figures 
are average values taken from triplicate experimental runs and standard deviation were 
calculated and plotted to quantify the variance of the results. 
6.2.2 Effect of tetralin to oil mass ratio 
Figure  6.1 shows the coke yield and asphaltene content of the produced upgraded oil at 
different tetralin to oil mass ratios (T/O) at 425 °C reaction temperature, 10 bar initial 
pressure of nitrogen and 60 min reaction time. The initial N2 pressure was selected as  10 bar 
to maintain tetralin in the liquid phase at the high reaction temperature, and maximize the 
interface between tetralin and oil during upgrading (Johannes et al., 2012).  
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Figure  6.1.  Coke yield and asphaltene content after upgrading of heavy oil at different 
tetralin to oil mass ratios (T/O) at 425 °C reaction temperature, 10 bar initial pressure of 
nitrogen (N2) and 60 min for reaction time. 
 
It can be observed that the coke yield drastically decreased in the presence of tetralin, 
however, as T/O ratio increased beyond 0.03 the decreased rate of coke yield becomes less. 
The asphaltene content of the upgraded oil samples gradually increased as the T/O ratio 
increased. At low T/O ratio (0.03 g/g) the coke yield dropped to 4.3 wt% relative to 8.54 wt% 
without the addition of tetralin (thermal upgrading under nitrogen N2.).  Furthermore, at 0.06 
T/O ratio (g/g) the coke yield was 3.97 wt % and it decreased to its minimum value of 3.15 
wt% at 0.11 T/O ratios (g/g). Moreover, the asphaltene content in the produced oil increased 
to 13.5 wt% for 0.03 T/O ratio (g/g), 15 wt% for 0.06 T/O ratio (g/g) and 13 wt % for 0.11 
T/O ratio (g/g) relative to 11 wt % for thermal upgrading under N2.  These results are in line 
with literature where a similar observation has been reported (Rahmani et al., 2002; Johannes 
et al., 2012). 
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Table  6.2 shows the liquid and gas yield as well as the distillate fractions of produced 
upgraded oils (i.e., liquid) at different T/O ratios at 425°C reaction temperature, 10 bar initial 
N2 pressure and 60 min reaction time.  
Table  6.2.  Distillate fractions of upgraded oil, liquid, and gas yield after upgrading at 
different tetralin to oil mass ratio a . (Feedstock: API 12.8°, Viscosity 1482 cP, C5-aphaltene 
14 wt%, 0.68 wt% (IBP-177 °C), 28.18 wt% (177-343 °C), 71.6  wt% (343 °C+), 3.09 wt% 
sulphur , 0.0132 wt% (Ni+V)). 
Reaction media 
 
SIMDIST D2887 ASTM of produced liquid (wt %) Yield (wt %) 
(IBP-177 °C) (177-343 °C) (343 °C +) Liquid Gas 
N2 22 43 35 81.34 ±0.47 10.68 ±0.6 
0.03(g/g) (T/O) + N2 27 45 28 85.89 ±1.1 9.81 ±0.38 
0.06(g/g) (T/O) + N2 20 50 30 85.10 ±0.85 10.93 ±0.4 
0.11(g/g) (T/O) + N2 21 47 32 84.38 ±0.55 12.47 ±1 
 
a Reaction conditions 425°C for reaction temperature, 10 bar initial N2 pressure 60 min, mixing speed 900 rpm. Errors were 
expressed in terms of standard deviation for triplicate experiments 
 
In the presence of tetralin the liquid yield slightly increased compared to thermal 
upgrading under N2, however, the gas yield was approximately the same.  Consequently, as 
T/O ratios vary from 0.03 to 0.11 (g/g) the liquid yields did not show further improvement. 
The respective liquid and gas yields were almost 85 wt% and on average of 11 wt% for all 
T/O ratios relative to 81 wt% and 10.5 wt% for thermal upgrading under N2.  The middle 
distillate fraction results vary with different T/O ratio and were slightly higher than thermal 
upgrading under N2.  The middle distillate fraction was 45 wt% (0.03 T/O), 50 wt% (0.06 
T/O) and 47 wt% (0.11 T/O) relative to 43 wt% for thermal upgrading under N2.  The slight 
increase of middle distillate fraction can be attributed to the presence of tetralin in the final 
mixture as the boiling point of tetralin overlaps the middle distillate fraction boiling point 
range (177-343 °C) (Alemán-Vázquez et al., 2012)., It is clear, therefore from Figure  6.1 and 
Table  6.2 that the 0.11 tetralin to oil mass ratio could be selected as optimum value to 
minimise coke formation as the coke reduced from 8.54 wt% to 3.15 wt% . 
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The obtained coke yield, asphaltene content and liquid yield from heavy oil upgrading 
at different ratios (T/O) confirm the cleavage of C-C bonds mainly controlled by reaction 
temperature.  This cleavage of C-C bonds is believed to proceed by a free radical chain 
mechanism with the hydrogen donor solvent (i.e., tetralin) continually supplying active 
hydrogen to moderate coke precursors while producing low boiling fractions (Alemán-
Vázquez et al., 2012; Liu and Fan, 2002).  It has been reported that at high reaction 
temperature the asphaltene side chains start cracking leading to the formation of poly-
aromatic core radicals and lower molecular weight hydrocarbons, this forms an asphaltene 
core radical and causes the precipitation of the asphaltene core, a known coke precursor.  In 
light of this, phase separation occurs as the asphaltene aggregate forms a new phase (coke 
precursor) which is poorer phase for hydrogen transfer.  In the absence of a hydrogen supply, 
an addition reaction between the precipitated asphaltene core radicals occur and the aggregate 
becomes more dominant, which results in the formation of a carbonaceous solid product 
termed coke (Rahmani et al., 2002; Wiehe, 1993).  The presence of an aromatic solvent such 
as tetralin would fulfil two functions: (1) to enhance the dissolution of the coke precursor in 
the oil mixture, and (2) donate hydrogen to the asphaltene core (Rahmani et al., 2003; 
Watanabe et al., 2010).  As result, phase separation can be avoided as the asphaltene core 
remains in solution, as asphaltene is known to be soluble in aromatic solvents such as tetralin 
and benzene.  This would explain the reason for the low coke yields observed with the 
addition of tetralin.  
Table  6.3 shows the effect of different (T/O) on API and viscosity for the original feed 
oil. Notably, the slight changes in API gravity and viscosity of the tetralin and heavy oil 
mixtures as the T/O ratio increases from 0.03 to 0.11 compared to that without tetralin.  
Figure  6.2 shows the API gravity and viscosity for the obtained upgraded oil and tetralin 
mixtures at different T/O ratios at 425°C, 10 bar initial N2 pressure and 60 min reaction time.  
Chapter 6: Coke Suppression by Different Hydrogen Sources during In-situ Upgrading of Heavy Oil via Dispersed Nanocatalyst 
129 
 
Table  6.3.  Effect of (T/O) on API and viscosity for original oil. 
T/O ratio (g/g) before reaction API gravity at 15 °C Viscosity cP 20 °C 
0 12.8° 1482.0 
0.03 13.0° 1437.6 
0.06 13.2° 1393.2 
0.11 13.3° 1319.2 
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Figure  6.2.  API gravity and viscosity of produced mixture at different T/O ratio at 425 C 
reaction temperature, 10 bar initial N2 pressure and 60 min reaction time. 
 
 
As expected, the obtained API gravity and viscosity of the mixtures remained within a 
narrow range at different T/O ratios and they are also close to results obtained for thermal 
upgrading under N2. The API gravity increased from 12.8° for original feed oil (in the 
absence of tetralin) to 20.5° (N2), 20° (0.03 T/O), 19.5° (0.06 T/O) and 18 ° (0.11 T/O) ratios. 
Conversely, the viscosity dropped to 115 cP (N2), 101 cP (0.03 T/O) 114 cP (0.06 T/O) and 
110 cP (0.11 T/O) relative to 1482 cp of the feed oil. These results are in agreement with the 
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literature where a similar trend has been observed and reported (Alemán-Vázquez et al., 
2012). 
The API gravity and viscosity results confirmed that tetralin did not contribute to 
cracking of C-C bonds.  The cracking of C-C bonds are mainly controlled by reaction 
temperature, whose breakage leads to molecular weight reduction of large molecules 
resulting in reduced viscosity and  increased API gravity observed in produced upgraded oils 
(Hart et al., 2013; Wu et al., 2010; Hongfu et al., 2002; Ovalles et al., 1995).  Also, the 
presence of tetralin as a solvent contributed to the further reduced viscosity noticed in the 
upgraded of oil (Liu and Fan, 2002), and is dependent on the ratio of the tetralin to feed oil. 
The observed dropped in API gravity as the T/O ratio increases can be attributed to the 
presence of tetralin in the final upgraded oil as tetralin has high density (0.97 g/cm3, 25 °C) 
when compared to the upgraded oil without added tetralin (see Table  6.3). 
Figure  6.3 shows the effect of T/O ratios on product quality (sulphur and metal content) 
at 425 °C reaction temperature, 10 bar initial N2 pressure and 60 min reaction time.  
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Figure  6.3.  Effect of T/O ratio on product quality (a) sulphur wt % (b) metal content (Ni+V) 
wt % at 425 °C reaction temperature, 10 bar initial N2 pressure and 60 min for reaction time. 
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It can be seen clearly from Figure  6.3 (a) and (b) that the presence of tetralin did not 
achieve significant reduction in sulphur content of the upgraded oil.  However, the metal 
content is slightly increased compared with thermal upgrading under N2 (in the absence of 
tetralin).  The sulphur content was 2.52 wt% for N2, 2.48 wt% for 0.03 T/O (g/g), 2.42 wt% 
for 0.06 T/O (g/g) and 2.48 wt% for 0.11 T/O (g/g). Conversely, the metal (Ni+V) increased 
from 0.0041 wt% for N2 to 0.0071 wt% for 0.11 T/O ratios.  Tetralin does not promote 
cracking of C-C and C-heteroatom bonds hence, further cracking was not experienced with 
the addition of the tetralin as the main mechanism of upgrading is by free radical driven 
temperature (Vernon, 1980; Neavel, 1976).  The tetralin performed as diluents for coke 
precursors which helped to stabilize asphaltene in the reaction medium (Gawel et al., 2005; 
Dealy, 1979) and would explain the increase in metal (Ni+V) content of the produced liquid 
as metals are mainly associated with asphaltene (see Figure  6.3 (b)). 
 
6.2.3 Effect of unsupported dispersed iron oxide with tetralin on heavy oil upgrading 
The unsupported dispersed catalyst activation experiment was conducted following 
the same procedure discussed in section 4.2.  As stated earlier, the heavy oil upgrading 
reaction was performed at 10 bar N2 initial pressure to maintain the presence of tetralin in the 
liquid phase at the high reaction temperature which would increase the tetralin and oil 
interaction (Johannes et al., 2012; Hooper et al., 1979).  Figure  6.4 shows the effect of tetralin 
(0.11 (g/g)T/O) on coke formation and asphaltene content in the absence and presence of 
unsupported dispersed iron oxide catalyst (Fe2O3 ≤ 50 nm, 0.1 wt %). 
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Figure  6.4.  Effect of tetralin (0.11 (g/g) T/O) on coke formation and asphaltene content in 
the absence and presence of unsupported dispersed iron oxide catalyst (Fe2O3 ≤ 50 nm, 0.1 wt 
%) at 425 °C for reaction temperature, 10 bar initial N2 pressure 60min, mixing speed 900 
rpm. 
 
It can be seen that the coke formation significantly reduced from the introduction of 
tetralin, however the presence of Fe2O3 with tetralin did not show further reduction in the 
amount of coke produced. The coke yield significantly dropped from 11 wt % for thermal 
upgrading under N2 to 3.54 wt % for tetralin and 3.22 wt % for tetralin + Fe2O3. The further 
decrease of 0.32 wt% can be noticed upon the addition NPs. The asphaltene content of the 
produced upgraded oil drastically increased in the presence of tetralin. However, the addition 
of Fe2O3 to tetralin did not indicate any further changes on asphaltene content, where the 
asphaltene content was in the range of 12 wt% for tetralin and tetralin + Fe2O3, relative to 5.5 
wt% for N2. 
Table  6.4 shows the liquid and gas yields as well as the distilled fractions of produced 
upgraded oil under N2, tetralin, and tetralin with dispersed catalyst (Fe2O3), respectively. 
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Table  6.4.  Liquid, gas yield and distilled fractions distribution of produced liquid under N2, 
tetralin and tetralin with dispersed catalyst a. (Feedstock: API 12.8°, Viscosity 1482 cP, C5-
aphaltene 14 wt%, 0.68 wt% (IBP-177 °C), 28.18 wt% (177-343 °C), 71.6  wt% 343 °C+, 
3.09 wt% sulphur , 0.0132 wt% (Ni+V)). 
Reactions media SIMDIST D2887 ASTM (wt %) Yield (wt %) 
(IBP-177 °C) (177-343 °C) (343°C+) Liquid  Gas  
N2 26 45 29 76.00 ±0.4 13.00 ±0.6 
Tetralin + N2 16 52 32 82.91 ±1 13.46 ±0.9 
Tetralin + N2+ Fe2O3 19 50 31 83.47 ±1.1 13.36 ±1 
 
a Reaction conditions 425 °C for reaction temperature, 10 bar initial N2 pressure 60min, mixing speed 900 rpm and 
dispersed iron oxide catalyst (Fe2O3 ≤ 50 nm, 0.1 wt %). Errors were expressed in terms of standard deviation for 
triplicate experiments 
 
In the presence of tetralin the liquid yield increased compared to thermal upgrading 
under N2, while the gas yield remained within a narrow range.  Upon the addition of Fe2O3 
NPs little or no change was observed in the liquid and gas yields.  The liquid and gas yield 
was almost 83 wt% and 13 wt% for tetralin and tetralin + Fe2O3 NPs, respectively in 
comparison to 76 wt% and 13 wt% for thermal upgrading under N2.  The middle distillate 
fraction (177-343°C) was higher for tetralin and tetralin + Fe2O3 compare to thermal 
upgrading under N2.  The middle distillate fraction (177-343°C) was 52 wt% for tetralin, 50 
wt% for tetralin with Fe2O3 NPs relative to 43 wt% for thermal upgrading under N2.  The 
increased middle distillate fraction can be attributed to the presence of tetralin in the final 
mixture as its boiling point overlaps with the middle distillate boiling point range (177-
343°C) (Alemán-Vázquez et al., 2012).  The reduction in coke formation as well as the 
increase liquid yield and asphaltene content follows the same explanation discussed in 
Section 6.3.1. 
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Table  6.5 shows the effect of thermal upgrading under N2, tetralin and tetralin with  
dispersed catalyst on the physical properties and product quality.  
 
Table  6.5.  Effect of thermal upgrading under N2, tetralin and tetralin with dispersed catalyst 
on physical properties and product quality a. (Feedstock: API 12.8°, Viscosity 1482 cP, C5-
aphaltene 14 wt%, 0.68 wt% (IBP-177 °C), 28.18 wt% (177-343 °C), 71.6  wt% 343 °C+, 
3.09 wt% sulphur , 0.0132 wt% (Ni+V)). 
Reactions media 
Product Quality  Physical properties  
N % S wt % (Ni+V) wt % API  Viscosity (cP) 
N2 0.13 2.30 0.0031 22.4 74.0 
Tetralin + N2 0.34 2.27 0.0060 18.4 161.0 
Tetralin + N2+ Fe2O3 0.08 2.16 0.0052 20.1 83.3 
 
a Reaction conditions 425 °C for reaction temperature, 10 bar initial N2 pressure 60min, mixing speed 900 rpm and 
dispersed iron oxide catalyst (Fe2O3 ≤ 50 nm, 0.1 wt %). Errors were expressed in terms of standard deviation for 
triplicate experiments as follows: API° ±0.4, viscosity ±4, S% ±0.04, and metal (Ni + V) % ±0.0005 
 
The data in Table  6.5 show that there is no further improvement of upgrading under 
tetralin and tetralin + Fe2O3 NPs in terms of API gravity and viscosity compared to thermal 
upgrading under N2. The API gravity was 18° (tetralin) and 20.1° for (tetralin + Fe2O3) 
relative to 22.4° for thermal upgrading under N2.  The viscosity was 161 cP for tetralin and 
83.30 cP for tetralin+Fe2O3.  Furthermore, it was found that the sulphur content of the 
produced upgraded oil was maintained within the narrow range 2.30-2.16 wt% after 
upgrading under N2, tetralin and tetralin + Fe2O3 NPs.  The metal content increased from 
0.003 wt% to 0.006 wt% for tetralin, and 0.0052 wt% for tetralin + Fe2O3.  This is because 
the breaking of the C-heteroatom bonds is mainly controlled by temperature although the 
presence of NPs promotes hydrogen transfer reactions (Sahu et al., 2015; Shuyi et al., 2008). 
Additionally, the lack of cracking functionality of the unsupported Fe2O3 particles as well as 
the high amount of asphaltene in the produced oil contributed to this suggestion (Wu et al., 
2010; Argillier et al., 2002; Altgelt and Harle, 1975).  
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It is clear that upgrading of heavy oil under tetralin in the presence and absence of 
Fe2O3 NPs in terms of coke formation was superior compared to the other hydrogen sources 
(H2, CH4 and H2O).  The activity in terms of coke reduction for tetralin and the hydrogen 
sources in the presence of Fe2O3 were established as follows: tetralin > CH4 ≥ H2 > H2O > N2 
where the coke yield was 3.22 wt% (tetralin + Fe2O3), 6.19 wt% (CH4  + Fe2O3), 6.79 wt% 
(H2 + Fe2O3) and 7.48 wt% (H2O + Fe2O3) relative to 11 wt% (N2) during heavy oil 
upgrading  
6.3 Effect of different hydrogen sources and tetralin on formed coke 
The main objective of catalytic and thermal upgrading of heavy oil and bitumen is to 
increase conversion of heavy molecules to produce more valuable products (middle distillate) 
as well as minimizing coke formation.  The type and quality of produced coke during heavy 
oil upgrading mainly depend on heavy feed properties as well as the upgrading conditions. 
There are several reports of research directed to increase the desired coke quality in order to 
use for applications such as industrial fuel or making anodes for aluminium manufacturing 
(Termeer, 2013; Ellis et al., 1998).  A morphological investigation was conducted on coke 
samples obtained from thermal upgrading under N2, upgrading under different hydrogen 
sources and solvent (tetralin) with and without Fe2O3 NPs in order to identify the coke quality 
and type.  
Figure  6.5 and Figure  6.6 (a) show the SEM micrographs of coke recovered after 
thermal upgrading under N2 and H2 alone (for reaction conditions see Table 6.1). 
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Figure  6.5.  SEM photomicrograph of recovered coke from thermal upgrading under N2. 
 
Figure  6.6.  SEM photomicrograph of recovered coke from catalytic upgrading under H2 (a) 
without Fe2O3 (b) with Fe2O3. 
 
It can be observed that the coke texture is characterised by a smooth and concave 
surface (see position x in Figure  6.6 (a)) with no evidence of pores. From a morphological 
standpoint, the coke produced by thermal upgrading under N2 and H2 alone could be 
classified as shot-coke type, where similar observations have been reported in the literature 
(Kelemen et al., 2007; Siskin et al., 2006; Elliott, 2000).  The type of coke formed is mainly 
dependent on feed properties; particularly, it has been reported that a feed with high 
asphaltene and metal content leads to shot-type coke (Picón-Hernández et al., 2008; Kelemen 
et al., 2007; Marsh et al., 1985).  This result also, reaffirmed the high level of metal removal 
and low asphaltene content of the produced oil observed with thermal cracking under N2 and 
H2 alone (see Table  6.1). Picon-Hernandez et al. (2008) observed during coking processes 
that the feed oil which has an asphaltene amount of 14 wt%, and 600 ppm of metal (Ni+V) 
(a) 
X 
(b) 
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content leads to the formation of shot-type coke. Under thermal upgrading of heavy feed the 
asphaltene stability in the oil mixture could be disturbed (Gawel et al., 2005), and that could 
lead to precipitation and aggregation  of asphaltene and eventually, promote shot-type coke 
formation (Siskin et al., 2006). The feed oil used in this study has asphaltene and metal 
content of the 14 wt% and 0.0132 wt% (132 ppm), respectively (previously shown in Table 
1), which may have the tendency to produce shot–type coke. Shot-type coke consists of 
individual particles that are spherical to slightly ellipsoidal, with average diameters of about 
1-4 mm (Siskin et al., 2006).  It is low in economic value and could be used as source of fuel. 
Nevertheless, understanding feed properties as well as controlling upgrading reaction 
conditions can help to produce more economically valuable coke types with better quality 
(Elliott, 2000). 
Figure  6.6, 6.7, 6.8 and 6.9 show the SEM micrographs of the coke recovered after 
upgrading under H2, H2O, CH4 and tetralin with and without Fe2O3 NPs respectively; for 
reaction conditions see Table  6.1(for hydrogen source) and Figure  6.4 (for tetralin). 
 
  
Figure  6.7.  SEM photomicrograph of recovered coke from catalytic upgrading under H2O (a) 
without Fe2O3 (b) with Fe2O3. 
 
(a) (b) 
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Figure  6.8.  SEM photomicrograph of recovered coke from catalytic upgrading under CH4 (a) 
without Fe2O3 (b) with Fe2O3. 
 
  
Figure  6.9.  SEM photomicrograph of recovered coke from catalytic upgrading under tetralin 
(a) without Fe2O3 (b) with Fe2O3. 
 
It can be seen from Figure  6.6 (b), 6.7 (a-b), 6.8 (a-b) and 6.9 (a-b) that the coke texture 
is characterised by a porous microstructure with a wide variety of pore sizes.  From a 
morphological standpoint, the coke produced after upgrading reactions under H2, H2O, CH4 
and tetralin with and without Fe2O3 NPs could be classified as sponge-type coke.  This 
finding is in agreement with other researchers’ observations (Picón-Hernández et al., 2008; 
Marsh et al., 1985; Watanabe et al., 2010).  As the name suggests, sponge-type coke has a 
sponge-like appearance with various bubble and pore sizes. In comparison to shot-type coke 
observed for coke produced after thermal cracking under N2 and H2 alone (Figure  6.5), 
sponge-type coke has a higher economic value with a high potential to be used as fuel (Ellis 
et al., 1998).  It has been reported that the asphaltene content in the feed oil is the main factor 
(b) (a) 
(a) (b) 
Chapter 6: Coke Suppression by Different Hydrogen Sources during In-situ Upgrading of Heavy Oil via Dispersed Nanocatalyst 
139 
 
responsible for promoting shot-type coke over sponge-type coke in delayed cokers (Siskin et 
al., 2006; Ellis et al., 1998; Marsh et al., 1985).  Furthermore, Picon-Hernandez et al. (2008) 
observed the formation of sponge-type coke from coking processes of feed oil, with a 
moderate metal (Ni+V) and asphaltene content.  
It can be reaffirmed that the free-radical reaction mechanism can lead to the 
incorporation of CH4 and H2O (in the absence of catalysts) into hydrocarbon molecules via 
methyl (CH3) and hydroxyl (OH).  Additionally, the presence of Fe2O3 NPs actually could 
further promote the formation of free radicals by activation of H2 or other hydrogen sources 
(CH4) (Peureux et al., 1995; Weitkamp, 2012; Ovalles et al., 2003; Dutta et al., 2000).  This 
stabilizes the asphaltene in the oil mixture, and is attributed to the production of sponge-type 
coke during catalytic upgrading under different hydrogen sources with and without Fe2O3. 
Additionally, SEM micrographs for the coke recovered after upgrading of heavy oil in the 
presence of tetralin with and without Fe2O3 follows the similar trend as the previous results. 
Sponge-type cokes are porous clusters surrounded by comparatively thin walls with no 
interconnection between pores (Reis, 1975; Jakob, 1971).  In the reservoir the flow of 
upgraded oil could crack and convey sponge-type coke to the production well and to the 
surface because of its physical appearance.  Coke lay down ahead of the combustion front 
during the THAI process acts as fuel for the process. 
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7 Chapter 7 
Conclusions and Recommendations 
7.1 Conclusions 
The main target during this study to perform high level of upgrading of heavy feed 
(Whitesands heavy feed) in term of product distribution (i.e., liquid, gas and coke) and 
(naphtha, middle distillate and gas oil fractions), physical properties (i.e., API gravity and 
viscosity) and product quality (i.e., sulphur, metals and nitrogen contents). The in situ 
upgrading reactions were simulated in laboratory scale using 100 ml stirred reactor.  The 
optimisation of upgrading reaction factors, effect of different type of dispersed unsupported 
catalysts and different hydrogen source and tetralin on upgrading of heavy feed was studied. 
Effect of reaction factors and optimisation of upgrading reaction factors 
The Taguchi method was applied to study the effect of reaction factors and select the 
optimum values that maximise level of heavy oil upgrading while suppressing coke yield.  A 
comprehensive optimization study has been made of process variable effects of dispersed 
nanoparticles of iron oxide during THAI-CAPRI in situ catalytic upgrading of heavy oil, in a 
stirred batch reactor. The following process variables were investigated over the following 
range, reaction temperature 355 – 425 oC, reaction time 20 – 80 min, initial hydrogen 
pressure 10 – 50, agitation 200-900 rpm and iron-metal loading 0.03 – 0.4 wt%. The results 
confirmed that the reaction time, initial hydrogen pressure agitation and dispersed catalyst 
loading do not exhibit as much effect upon upgrading as reaction temperature because the 
cleavage of C-C and C-heteroatom bonds is mainly dependent on temperature. However, the 
chemistry of hydroconversion reactions can be enhanced by these factors.  Additionally it 
was noticed that the hydrogenation reaction became more active at moderate pressure while 
at high pressure the hydrocracking dominates.  Also it was observed that a long reaction time 
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promotes cracking, secondary cracking of intermediates and more yield of coke, light 
naphtha, middle distillate and gas.  Furthermore, it was concluded that the nano-dispersed 
iron oxide catalysts boosts hydrogen uptake during hydro-cracking reactions which helped to 
control the rate of free radical propagation via β-scission reactions.  The optimum conditions 
were 425 °C for reaction temperature, 60 min for reaction time, 400 rpm for agitation, 0.1 
wt% metals loading, and 50 bar for initial hydrogen pressure obtained by the Taguchi 
method.  Under these optimal conditions, the viscosity reduction was 92.9%, API gravity 
increase 8.3o, sulfur reduction 37.54%, and metals (Ni + V) reduction 68.9%, relative to the 
feed oil values, while coke formation was 6.7 wt%. It was also found that the naphtha (IBP – 
177 oC) and middle distillate fractions (177 – 343 oC) at the optimum condition increased 
from 0.68 and 28.18 wt% in feed oil, to 21 and 47 wt%, respectively in the upgraded oil. 
Effectiveness of different transition metal dispersed unsupported catalysts 
Hydroconversion of heavy oil was carried out in a stirred batch reactor at 425˚C, 50 bar 
(initial H2 pressure), 900 rpm and 60 min reaction time using a range of unsupported 
transition metals (Mo, Ni and Fe) catalysts.  The effect of active metal was evaluated in terms 
of product distribution, physical properties and product quality.  It was found that the 
dispersed catalysts (Ni, Mo, and Fe) in sulphide form could enhance hydrogen uptake and 
help in controlling the rate of free radical propagation via β-scission reactions during heavy 
oil upgrading. Despite the improved API gravity and viscosity of the produced oil by thermal 
cracking (24˚ and 54 cP) over that achieved with unsupported metal catalyst (approximately 
21˚ and 108 cP), thermal cracking gave a lower amount of upgraded oil (76 wt%)  compared 
to an average of 83.5 wt% for dispersed catalysts.  Thermal cracking also yielded 12 wt% 
coke, while the coke yields for dispersed unsupported catalysts are remarkably lower at 4.35 
wt% (Mo catalyst), 5.76 wt% (Ni catalyst) and 6.79 wt% (Fe catalyst).  The high coke yield 
with thermal cracking contributed significantly to sulphur and metal (Ni + V) removal as they 
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mostly associate with macromolecules such as resins and asphaltenes, which are the major 
coke precursors.  This is confirmed from the lower asphaltene content of the upgraded oil 
after thermal cracking compared to catalytic upgrading with dispersed unsupported Fe, Mo 
and Ni metals. However, unsupported Mo catalysts showed higher activity in suppressing 
coke formation and improving middle distillate compared to Ni and Fe catalysts.  Also, a 
morphological investigation was conducted on coke samples obtained from thermal and 
unsupported catalytic upgrading in order to identify the coke quality and type. It was found 
that the presence of dispersed catalysts helped in producing sponge-type coke compared to 
shot-type coke from thermal cracking. Shot-type coke is low in economic value and consists 
of individual particles that are spherical to slightly ellipsoidal, with average diameters of 
about 1-4 mm. However, sponge-type coke is named for its sponge-like appearance with 
different sized pores and bubbles in the coke matrix.  Compared to shot-type coke, observed 
for coke produced after thermal cracking, sponge-type coke has a higher economic value with 
a high potential to be used as fuel. 
Effect of different hydrogen sources and tetralin 
The upgrading reactions were carried out using Fe2O3 NPs at 425 ˚C, 50 bar, 0.1 wt% 
(NPs loading) and 60 min reaction time.  The effect of hydrogen sources and tetralin with and 
without Fe2O3 NPs was investigated in terms of product distribution; physical properties and 
product quality, also, the produced coke after upgrading were studied.  It was found that the 
in the presence and absence of Fe2O3 NPs the coke formation was significantly reduced under 
tetralin compared to H2, CH4 and H2O where the activity in term of coke formation reduction 
settled as follows: tetralin > CH4 > H2O> H2 ≥ N2 without Fe2O3 NPs and Tetralin > CH4 ≥ 
H2 > H2O > N2 with Fe2O3 NPs.  The coke yield further reduced with addition of Fe2O3 NPs 
as follows: 3.22 wt % (tetralin), 6.19 wt % (CH4+ Fe2O3), 6.79 wt % (H2+ Fe2O3), and 7.48 
wt % (H2O+ Fe2O3) relative to 3.54 wt (tetralin), 7.19 wt % (CH4), 12 wt % (H2) and 7.32 wt 
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% (H2O) without Fe2O3 addition, where presence of catalysts in sulphide form could enhance 
controlling the rate of free polymerization reactions during heavy oil upgrading.  Despite the 
improved API gravity and viscosity of the produced oil by thermal cracking (24˚ and 54 cP) 
over that achieved with Fe2O3 catalyst under different hydrogen sources (an average of 21˚ 
and 105 cP), thermal cracking (under N2) gave a lower amount of upgraded oil (76 wt%) 
compared to an average of 80 wt% for Fe2O3 with different hydrogen sources and tetralin.  
The high coke yield with thermal cracking contributed significantly to sulphur and metal (Ni 
+ V) removal as they mostly associate with macromolecules such as resins and asphaltenes, 
which are the major coke precursors.  Also, the presence of Fe2O3NPs with tetralin, CH4, H2, 
and H2O helped in producing coke with desired quality (sponge-type coke) compared to shot-
type coke from thermal cracking under N2 and H2 alone.  Additionally, the upgrading 
reactions under tetralin, CH4 and H2O without addition of Fe2O3 NPs helped to producing 
sponge-type coke.  
7.2 Recommendations 
The use of dispersed unsupported catalysts instead of pelleted commercial catalysts 
which are surrounding horizontal production well during the THAI process could reduce the 
susceptibility of catalysts to deactivation and avoid the subsequent process shutdown.  
However, the produced liquid after catalytic upgrading using dispersed catalysts did not show 
further improvement in term of product quality and physical properties relative to thermal 
upgrading.  Hence, further investigation of dispersed catalysts composition and properties are 
recommended to modify dispersed catalysts functionality to enhance heavy molecule 
conversion and improve product quality as well as physical properties.  The NPs catalysts 
could be impregnated on the surface of zeolite or Al2O3 which have the acidic character to 
promote cracking of C-C and heteroatms-C bonds.  Additionally, NP catalysts derived as 
waste or by-products of other industrial process could be investigated as promising low cost 
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once through catalysts for in situ upgrading of heavy oil.  The following are examples of low 
cost once through dispersed catalysts which could be examined (1) the NPs iron-based 
catalysts sourcing from waste and made by biofabrication, (2) the reservoir rock metals such 
as Fe, (3) red mud which is a by-product of aluminium industries. The upgrading of heavy 
feedstock under batch mode was performed during this project to the study activity and 
selectivity of unsupported dispersed catalysts as well as to optimise the upgrading reaction 
factors.  Therefore, further studies of heavy oil upgrading reaction should be performed in 
continuous mode to understand the kinetics of upgrading reaction using NPs catalysts.  
Furthermore, the movement and penetration of dispersed catalyst in porous medium should 
be studied to understand the efficiency of injection of dispersed catalysts into oil reservoir.  
Also, as alternatives, liquid and gas hydrogen donors could be investigated in order to 
overcome the further cost of utilizing expensive hydrogen gas. Naphthalene and decalin are 
examples of liquid hydrogen donors which could be a feasible choice to test during the THAI 
process.  
Appendix A 
145 
 
8 Appendix A 
 
Table A.1.  Experimental data for 16 experiments run. For reaction conditions see Table 3.6 
Experiment 
No. 
Measured response (average of 3 runs) 
Coke 
wt % 
Gas wt 
% 
Light naphtha 
fraction  
(IBP-177 °C) 
wt% 
Middle 
distillate 
fraction 
(177-343 °C) 
wt % 
API °gravity 
@ 15 °C 
Viscosity 
@ 20 °C 
HDS 
% 
Metal 
(Ni+V) wt 
1 0 1.30 7.51 51.06 13.5 1415.14 5.65 0.0148 
2 0 1.64 8.85 51.61 13.8 1294.34 3.22 0.0146 
3 0 1.41 7.60 49.14 13.9 1256.71 2.00 0.015 
4 0 1.34 7.57 52.91 13.6 1373.50 5.79 0.0147 
5 0 2.96 9.31 48.42 14.5 1055.50 4.88 0.0145 
6 0 2.72 8.68 48.24 14.1 1185.14 6.41 0.0146 
7 0 2.06 10.46 48.67 15.1 890.26 13.48 0.0144 
8 0 2.66 9.81 48.40 15.0 915.62 10.65 0.0149 
9 0.90 4.49 13.06 47.32 16.3 575.69 17.11 0.0147 
10 0.66 3.24 12.92 46.75 16.4 550.96 15.35 0.017 
11 0.42 2.53 10.19 45.96 15.7 757.37 10.05 0.0147 
12 0.50 2.54 11.38 46.44 16.3 575.69 11.05 0.0146 
13 8.16 12.40 30.53 37.91 18.2 269.11 26.18 0.0025 
14 7.42 10.79 33.86 44.40 19.0 203.24 28.64 0.0034 
15 6.74 7.59 34.83 40.54 21.0 108.83 25.69 0.0043 
16 3.61 7.48 26.14 23.36 19.8 156.40 24.7 0.0062 
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Effect of dispersed catalysts on type of formed coke 
 
 
Figure B.1.  SEM photomicrograph of recovered coke from catalytic upgrading FeS. 
 
 
Figure B.2.  SEM photomicrograph of recovered coke from catalytic upgrading NiO. 
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Figure B.3.  SEM photomicrograph of recovered coke from catalytic upgrading MoO3. 
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Publications  
C.1. Publications (available upon request) 
C.1.1 Journal paper 
 
1. Abdullah Al-Marshed, Abarasi Hart, Gary Leeke, Malcolm Greaves and Joseph 
Wood, (2015) Optimization of Heavy Oil Upgrading using Dispersed 
Nanoparticulate Iron Oxide as a Catalyst, Energy & Fuels, 29, 6306-6316. 
 
2.  Abdullah Al-Marshed, Abarasi Hart, Gary Leeke, Malcolm Greaves and Joseph 
Wood, (2015) Effectiveness of Different Transition Metal Dispersed Catalysts for In-
Situ Heavy Oil Upgrading, Industrial & Engineering Chemistry Research, 54, 10645-
10655. 
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